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Abstract

A counter-current multistage extraction column having high performance (i.e.,
high extraction efficiency and large maximum throughput) has been developed. The
hydrodynamic behavior and the mass transfer characteristics of the column were ana-
lyzed experimentally. Each stage of the column consists of lower mixer part, upper
settler part and a drop coalescer between them. Both of the continuous and the dis-
persed phases rise from the mixer into the settler and are seperated into two phases
within the settler. The continuous phase goes down to the lower stage mixer through
the downspout pipes and the dispersed phase rises to the upper stage mixer through
the riser pipes. The maximum throughput in the column is independent of the drop
size because the counter-current flow in the dispersion situation is avoided. Then
the column can be operated at a strong agitation where the extraction efficiency is
high due to large interfacial area with small drops. As the hydrodynamic behavior,
the maximum throughput, the holdup of dispersed phase and the drop size were ex-
amined. The maximum throughput can be determined from the balance between
the pressure drop within the downspout and the sum of the suction pressure induced
by the impeller and the buoyant force of dispersed phase. The holdup of the dis-
persed phase in the mixer is given by a model of dispersed phase leaving the mixer,
including the diffusional flow of dispersed phase. The drop size in the mixer de-
pends on the residence time of the dispersed phase as well as the Weber number.
The mass transfer characteristics can be expressed by a rigid sphere model of drop
because the drop diameter is small at a strong agitation in the mixer. A theoretical
model of diffusion within a rigid sphere gives the mass transfer coefficient in the
dispersed phase, and the correlation by Ranz-Marshall for the mass transfer around
a rigid sphere gives the mass transfer coefficient in the continuous phase. The ex-
traction of copper with the five-stage mixer settler extraction column was represented
by the calculation with the above hydrodynamic and mass transfer characteristics as
well as the extraction reaction rate at the interface.
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1. Introduction

The counter-current multistage extraction is useful to separate the mixed solution. Among
many types of the extractirthe multistage mixer-settler is widely used in industry because it
gives a stable operation and high stage efficiency. However, it needs a large space because of the
horizontal arrangement of stages. So, the column type extractor of high performance is desirable.
Factors affecting the performance of extraction column are given in Fig.1. A large maximum
throughput and high separation efficiency (stage efficiency) must be achieved to get a compact
extraction column, i.e., the column with a small diameter and a small height. The stage efficiency
depends on the interfacial area of dispersed phase and the mass transfer coefficients in the continu-
ous and the dispersed phases. The interfacial area increases with the decrease in drop size and
with the increase in holdup of the dispersed phase. The decrease in drop size also makes the dis-
persed phase holdup large due to the decrease in relative velocity between the dispersed drop and
the continuous phase. However, for the column where phases flow counter-currently in the dis-
persed situation, the flooding follows this decrease in relative velocity, which makes the maximum
throughput small. The column without mechanical agitation, such as the spray column or the
packed column, has large throughput but small interfacial area because of large drop size. Me-
chanical agitation, such as in the MIXCO column, RDC coflimmKuhni columﬁ), makes the
stage efficiency high due to the large interfacial area, but the throughput small. Besides, the axial

Setup Throughput Setup Separation

Drop Coalescence §

Coois
Agitation 4
i p Theoretical Stage
Dispersed Phase 3o ff Interfacial §| Number
Holdup

area

Flooding

Saga Efficiency

......... Practial Stage
Number

Column
Diamater

Fig.1 Factors affecting performance of extraction column



4 K. Takahashi and S. NIl

mixing between stages becomes appreciable at a large agitation speed and it makes the stage effi-
ciency low. The behavior of the dispersed phase holdup is complex because it depends on the drop
size, the flow rates of both phases and the mixing degree in the"mhéren drop coalescence
occurs in the mixer, the drop size is affected by the holdup, which makes the holdup behavior
more compleX. This complex behavior makes the analysis of extraction column difficult because
the holdup influences the interfacial area as well as the maximum throughput. The stereopartition
between stages used in the Sheibel coftdBC columf or SHE columf suppresses the axial

mixing and makes the throughput large by drop coalescence within the partition. The electrostatic
drop coalescence between stages is effective to obtain stable operation under vigorous®gitation
Within the mixer-settler column, the patrtition is stronger and drops coalesce more completely within
the settler. The maximum throughput of the mixer-settler column does not depend on the drop
size, i.e., the throughput does not decrease with the agitation speed.

2. Mixer-Settler Extraction Column

Treybal proposed a rectangular mixer-settler tower with the horizontal arrangement of the
mixer and the settler in each stage, i.e., each stage in the mixer-settler extractor is piled up in verti-
cal directiod™. The Wirz column has a mixer at the center of the column and a settler around the
mixer'?*®. The MIXET column has vertical arrangement of the mixer and the $8tti€his
column gives high stage efficiency but a small throughput because flow channels of the continu-
ous and the dispersed phases are not separated. The asymmetric rotating disc column is a kind of
mixer-settler columti*®.

We proposed a mixer-settler extraction column (MS coldfhsiown in Fig. 2. One stage of
the column consists of a lower mixer part and an upper settler part, and a drop coalescer is set
between them. The coalescer is a three-dimensional lattice made of glass fiber mesh coated with
PTFE, and is 12 mm in height and 2.2.3 mm rectangular pitch. A lifter-turbine impeller having
paddles below a disc is used for agitation in the mixer. Continuous phase (aqueous phase) fed to
the mixer of top stage rises through the drop coalescer into the settler with the dispersed phase,
goes down through the downspouts into the lower stage mixer after settling into two phases and
finally is led to the leveler from the bottom of the column. While dispersed phase (organic phase)
fed at the bottom of the column rises into the mixer of bottom stage through the risers, from the
mixer into the settler through the drop coalescer with the continuous phase, from the settler into
the upper stage mixer and finally overflows from the top of the column. The downspouts of con-
tinuous phase act as the baffles in the mixer.

The characteristics of the MS column are as follows.

1. The maximum throughput increases with the agitation speed, and a large throughput and high
stage efficiency is realized simultaneously.

2. The effect of liquid mixing between stages is small.

3. The mass transfer resistance becomes small by repeating the dispersion and the coalescence
of drops.

4. Suction pressure induced by a lifter-turbine impeller promotes the dispersed phase flow re-
sulting a large throughput.

5. Analysis of the column is easy because the stages are independent each other.



Behavior of Multistage Mixer-settler Extraction Column 5

17 1. Exiraction Column
> , Faed Tank
2
| 17 7 3. Raffinate Yank
i

I ! 4. Solvent Tank

= } 5. Extract Tank

6. Motor

7. Settler Part

\ 8. Mixar Part

. Down Spout

10. Drop Coalescar
11. Impeller

12. Riser //*‘””_‘\\\
13. Pump ; = y
T4. Valve

15, Flow Meter
16. Orifice

17. Leveler

coealescer
Impeller

| Riser

-~ Downspout

]/ Settler part

Mixer parl

Fig.2 Diagram of mixer-settler extraction column

3. Maximum Throughput in MS Column

For the extraction column in which two phases flow counter currently in the dispersion situa-
tion, the maximum throughput depends on the drop motion relative to the continuous phase. Itis
difficult to estimate the maximum throughput because the drop motion, which depends on the drop
diameter, the mixing degree and the flow rates, is very complex. On the other hand, the maximum
throughput in the MS column is determined by the different mechanisms because two phases flow
concurrently in dispersed situation from the mixer to the settler.

The throughput has been measured for the MS columns 066 106” mm column diam-
eter and the effects of the internals on the throughput was investigated. To elucidate the behavior
of the throughput, the pressure differences between several points in the column were also mea-
sured. The factors affecting the throughput will be discussed, and it will be shown that the maxi-
mum throughput can be estimated rationally.

3.1 Experimental

The columns are made of acrylic resin pipe of 60 and 100 mm inner diameter. The column of
100 mm diameter has five stages and a drop coalescer at the bottom of the column as shown in
Fig.2. Each stage consists of a mixer part of 60 mm height and a settler part of 40 mm height. A
lifter-turbine impeller having 6-paddle under a disk of 50 mm diameter agitates in the mixer. A
drop coalescer is set on a stator ring of 50 mm opening diameter between the mixer and the settler.
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Fig.3 Measured point of pressure difference Fig.4 Effect of coalescer on maximum throughput

Downspouts from the settler to the lower stage mixer are made of glass tubes of 9.6 mm inner
diameter and glass tubes of 7.6 or 5.6 mm inner diameter are also used in some experiments. Ris-
ers from the settler to the upper stage mixer are made of PTFE pipes of 6 mm inner diameter.

The measurement of the throughput was carried out as follows. As the continuous phase (wa-
ter) flow rate was gradually increased under a constant flow rate of organic phase (heptane), an
accumulated layer of heptane appeared at the top of the settler and the amount of the layer in-
creased rapidly with a small increase in water flow rate. When the layer height reached 10 mm,
the water flow rate was measured by receiving water from the leveler with a measuring cylinder
for a given time and the flow rate was regarded as a flooding flow rate. The effects of internals on
the throughput were measured for third stage by changing diameter of the downspout, distance
between the impeller and the ridgrand position of the impeller from the bottom of the mizer,
shown in Fig.3. In the present MS column, hydrodynamic characteristics in one stage was not
affected by other stage internals.

Pressure differences at various points were also measuredpPi.evas pressure difference
between ends of risefiP, between ends of the downspout &R}, across the drop coalescer as
shown in Fig.3. In these measurements the dispersed phase was not fed and the risers were plugged
up. The plugging would make the situation that was corresponding to the stop of dispersed phase
flow by the flooding.

3.2 Results and Discussion

3.2.1 Throughput

Effect of the drop coalescer on the maximum throughput is shown in Fig.4, where the maxi-
mum flow ratesy,, ¢, of water are plotted against the flow rbks, of heptane. Without coalescer,
U, is large at small, and it decreases rapidly with the increasd inespecially at large agita-
tion speedn. When the coalescer is set, the operation is stable atUgrgén this case a plane
interface was observed within the settler, while drops were accumulated in the settler for the ab-
sence of the coalescer. Mesh sheet and urethane foams are tested as a drop coalescer. Heptane
stayed at the horizontal mesh sheet and plugged the mesh openings. The Wgjudonfthe
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mesh coalescer was smaller than that for the lattice coalescer. When urethane foam was used as a
coalescerl,, r decreased with the decrease in the opening diameter of the foam. The lattice
coalescer was superior to the foam coalescer of 4.5 mm opening diameter. The vertical yarn in the
lattice coalescer seems to act effectively for the dispersed phase flow within the coalescer.

The maximum flow rates of watdy,, ., for various columns are shown in Fig.5 iy = 5 ~
6 x 10* m¥(m?). The throughput for the MIXCO column is given as the general behavior of the
extraction column, which decreases with the increase in agitation spe€xuh the other hand,
Uy for MS column increased linearly with Since the specific interfacial area increases with
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Fig.5 Maximum flow rate of continuous phase for various columns

15 T T T T

s [mmj a=49mm
B=3mm

U = 3.6010% nvs

Uwrx 10° [mP{m?s)]

Lines are calculated values

0 . L 1 1
4 B 8 10 12

n [s1]

Fig.6 Effect of downspout diameter on maximum flow rate
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because of the decrease in dispersed drop diameter, the mass transfer efficiency is improved with
the increase af*®. Therefore, the increase of the throughput wittan offer the extraction col-
umn a favorite characteristic, i.e., both high mass transfer efficiency and large throughput can be
realized. The increase bf, - with n may be caused by the suction pressure induced by the lifter-
turbine impeller as will be described later. ValueJgf: for 100 mm column was 2.3 times as
large as those for 60 mm column, i.e., scale-up effect was very large.

The distanceb, between the impeller and the riser is importantfge. For any value adb,
U,y increased linearly with, and it decreased with the increase.irThe value oU,, - decreased
largely with the change infrom 1 to 5 mm, and the differencel, - betweerb = 10 and 20 mm
was very small. Wheh increased beyona2, U,, - decreased largely again and the value=at b
30 mm was about half of that athlmm. The effect of impeller positioa, onU,, - was not so
much. The increase rate 0f, - with n became large with the decrease iThe fact that large
U, can be realized with smaillis favorable to decrease the column height.

Figure 6 shows the effect of inside diametlg, of the downspout ob, .. The value of
U, decreases largely with the decreasd,in This is because of pressure drop of water flow
through the downspout which increases with the decreakg &s will be described later.

3.2.2 Pressure differences

The dispersed phase flows by the pressure difference between ends of riser. The effects of
agitation speed), and water flow rate, |} on the pressure differenc&R,, between ends of the
riser is shown in Fig.7. Negative valueA#?, indicates that the pressure beneath the impeller is
lower than that in the settler of lower stag®, for U,, = 0 is negative because of the suction by
the lifter-turbine impeller and the pressure difference is regarded @s— AP, ). AsUy,
increasesAP, increases because of the increase in the pressureAoginceAP, is given by
AP, —Ps. When dispersed phase is fed ahglapproacheb),, (., the riser may be filled with dis-
persed phase and the buoyant foRg(= Apgh), plays positively for the dispersed phase flow
through the riser as well &. As the result, the dispersed phase stops flowing WiRgereaches

APy [Pa]

0 2 4 ] 8 10 12
Uw10%  [m/s]

Fig.7 Pressure difference between ends of riser
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P + P, that is,U, in this situation i), .
The suction pressure induced by the lifter-turbine impeller increased with the impeller diam-
eter, D;, as well as the agitation speed, and correlatedmiithfor b = 1mm as follows.

Ps=2200(n D, —0.15)*° (1)

This correlation can not be used foD, < 0.15 wherePq is negligibly small. The value d¢fg
varied a little with the radial distance, and it became maximum=d3 ~ 19 mm in case of.B
50 mm, i.e., the position between inner end and center of the paddle. Risers were set at this radial
position. The pressure drd®; can be given byP, for n = 0, which increases linearly witlhwz.
For the section correspondid,, water flows from the mixer to the settler across the coalescer,
from the settler to the lower stage mixer through the downspout and from the mixer to the settler
across the coalescer in the lower stage, i.e., through one downspout and two coalescers. The pres-
sure drops for the downspoui?,, was about 95 % aiP, and 21P; only 5 % ofAP,.

Pressure dropg\P,, for downspout is given by the pressure drop within a pipe as foffows

APZ = APinIet + Appipe + Apoutlet

= {(pups®/ 2) + 41 (1 / d)(OUps/ 2) + P(Ups = Uoy)*/ 2 2)

Where( is inlet coefficient of pressure drdfpfriction factor and I/dratio of pipe length to inside
diameter. The flow velocity within downspout,g, is given byUW(DT/dDS)ZIZ, and the velocity,
U, at the outlet of downspout can be assumed to be zero. The value calculated by EQ}(2) with
0.5 coincides with the experimental values.

3.2.3 Estimation of throughput

For small flow rate of dispersed phabk, - can be determined to satisfy the following rela-
tion as mentioned above.

Ps+ P, = AP, =AP, + 24P, (3)

By using Eq.(1) foPg, Eq.(2) forAP,, P, = Apgh whereh is a height of dispersed phase accumu-
lated within the riser and at the top of the settler, afel, 2 1.22x10°U,,” obtained from experi-
mental measuremen,, - was determined to satisfy Eq.(3) and shown in Fig.5 with solid lines.
For small column[@; = 60 mm), since the downspout pipe protruded about 5 mm from the bottom
of the settler? = 2.0 was used as a medium value between 1.3% 3Me calculated results well
reflected the change o, - with n.

The values ot in Fig.6 measured fdr= 5 mm might be smaller than those lior 1 mm
because of the decrease in suction pres@undth b. ThenPg for b =5 mm was assumed to be 3/

4 of that forb = 1 mm, andJ,, for various inside diameters of downspout were calculated and
shown with solid lines in Fig.6. These calculated results agreed well with the experimental re-
sults. The comparison of the calculatég- with the experimental ones in Figs.5 and 6 indicates
thatU,, - can be estimated rationally by Eq.(3).

For the columns of similar structural figures, the calculated throughput at a same agitation
speed increased in proportion to the column diamBter,The dispersed drops, however, may be
smaller with a larger impeller for same agitation speed, and small drops can not be coalesced com-
pletely within the coalescer, which is followed by unstable operation because dispersed phase is
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accompanied with the continuous phase and adheres to the wall of the downspout. By using the
correlation for the sauter mean drop diameter in the MS célyrime agitation speeds correspond-

ing to a given drop diameter were calculated for various column diameters. Though the through-
put for a given drop diameter increases with the column diameter, the increase rate is not so large.
The throughput varied largely with the diameter of downspout as shown in Fig.6. Enlarging the
downspout diameter may be effective to get a large throughput. The valyg ébr enlarged
downspout diameter and a fixed impeller diameter, where the column diameter is also enlarged to
insert large downspouts, was calculated. The calculated throughpit fo20 mm is 2.5 times

as large as that for,gd= 10 mm. Since the drop diameter is expected to be large forDatQe

from the measurement with the agitation vessel, large agitation speed can be adopted for the col-
umn of largeD,/D,. The throughput of 150 #fm’hr) (= 0.0417 m¥(m’s)), which is larger than

the reported value for any extraction column, is expected to be realize with the coldggr @0

mm.

In the present experimental system, interfacial tension was large and large agitation speed
could be used. For the system of small interfacial tension, agitation speed must be small to coa-
lesce the dispersed drops completely, because the drop diameter decreases with the decrease in
interfacial tension. Under agitation speed where the sauter mean drop diameter is 0.2 mm, the
throughputs were calculated for various interfacial tensions. The calculated vd|ygaécreased
with the decrease in interfacial tension. On the other hand, the density difféfgnoetween the
dispersed and the continuous phases is considered to affect the throughput. The effect of density
difference for the present MS column is expressed by the ter\pgh. The calculated varia-
tion of U,, - with Ap was comparatively small. This is because of the factifjatdepends on not
only P, but alsoPg as expected from Eq.(3) and the effecPgbnU,, - is dominant at a large

Maximum throughput of the mixer-settler extraction column increased linearly with the agi-
tation speed and the value for the 100 mm column was 2.3 times as large as that for the 60 mm
column. The throughput was largely affected by the diameter of downspout as well as the distance
between the impeller and the top of riser. From the measurement of pressure difference between
ends of riser, it was indicated that the throughput is determined from the balance among the pres-
sure dropAP;, of fluid flow, suction pressurdg, induced by the lifter-turbine impeller and the
buoyant forceP,. The suction pressuR for the distance between the impeller and the hiser
1 mm was correlated by Eq.(1) with the tip velocity of the impeller. The greater i} whs
the pressure drop through the downspout which could be calculated by Eqg.(2). By using these
equations, the maximum throughput could be determined to satisfy Eq.(3). The calculation indi-
cated that the throughput increased largely with the downspout diameter and with the column di-
ameter for the column of similar figures. The decrease in interfacial tension results in the decrease
of throughput, while the density difference between the dispersed and the continuous phases af-
fected a little the throughput.

4. Dispersed Phase Holdup within Mixer of MS Column

The holdup of the dispersed phase as well as the drop size is used to determine the interfacial
area. Therefore, it is never dispensable in the analysis or estimation of mass transfer within the
extraction column. The estimation of the holdup in the extraction column having mechanical agi-
tation and counter-current flow in the situation of drop dispersion is difficult because it depends on
the drop motion, agitation strength and the flow rates.

The holdup of the dispersed phase was measured in a single-stage MS column, and a simple
model to predict the dispersed phase holdup has been developed based on the holdup profile in the
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vertical direction in the mixer. The model parameters are correlated with the agitation speed, in-
terfacial tension and the density difference between the dispersed and the continuo&® phases

4.1 Experimental

The experimental apparatus used in this work is a single-stage MS column having a lower
mixer and an upper settler. The column diameter is 100 mm, the mixer height 60 mm, the settler
height 40 mm and the impeller diameter 50 mm. The holdup in the mixer was measured by draw-
ing out a liquid sample with a syringe having pipe parts of 1.7 mm inner diameter and 200 mm
length and of 13 mm inner diameter and 70 mm length. The syringe was inserted into the mixer
through a sampling tube located 40 mm from the column axis. The total amount of liquid sample
was taken into the large diameter section of the syringe and settled to separate the organic phase
from the aqueous phase. After measuring the sample weighthe organic phase was moved
slowly to the small diameter section of the syringe by discharging the aqueous phase. The volume
of the organic phas&/, was determined from the tube length occupied by the organic phase, and
the dispersed phase holdypwas calculated by the following equation.

@=Vo I [{(Wr —=Vop0) Ipw} + Vol (4)

Wherep, andp,, are densities of the organic phase and the aqueous phase, respectively.

The organic phase used in the experiments was heptane, tributyl phosphate (TBP) - heptane
solution or cyclohexane; aqueous phase was deionized water. TBP is an extractant used for the
extraction of various metal ions. All the experiments were carried out at the room temperature of
25+ 1°C.

4.2 Results and Discussion

4.2.1 Dispersed phase holdup in the mixer

Local holdup,p of the dispersed phase in the mixer is shown in Fig.8 against the vertical
distanceH, from the bottom of the mixer for the dispersed phase of heptane. The vaiue of
below the lifter turbine (LT) impeller does not vary whh but ¢ decreases suddenly near the
lower end of the impeller. Although the same changgnear the impeller is observed for the
disc turbine (FBT) impeller, it is smaller than that for the LT impeller. The holdup for the LT
impeller is much larger than that for the FBT impeller at the same agitation spee®df’, as is
seen in Fig.8. Hence the LT impeller is superior in achieving a large interfacial area because the
area increases both with the increase in the holdup and with the decrease in the drop size which
decreases with the residence time of the dispersed’pha&ee remaining experimental runs were
made by use of the LT impeller, and holdups were measured at two positions HetdBvgm)
and aboveH = 5.2 cm) the impeller whergvaried little withH.

The holdupg, in the lower part of the mixer is shown agaimfar various flow rates, 4 of
organic phase amg,, of aqueous phase in Fig.9. The valugfaihcreases witim andd,, butg,
has a reverse effect gh; the effect ofy, is larger than that af,,. On the other hand, the holdup,

@, in the upper part of mixer also increases widndg,,.

4.2.2 Effects of interfacial tension and density difference

The motion of dispersed drop depends on the drop diameter and the density difiépence,
between the continuous and the dispersed phases, while the drop diameter in the agitated vessel
changes with the interfacial tension. Therefore, the holdup of the dispersed phase is expected to
vary with interfacial tension and density of the dispersed phase when the continuous phase is an
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aqueous solution. Thus, adding TBP to heptane varied the two physical properties. In the pres-
ence of a small amount of TBP the interfacial tensypbhetween the organic phase and water is
reduced remarkably, while the density difference varied linearly with TBP concentration. The ef-
fects of TBP concentration agr and¢’ are shown in Fig.10 and 11, respectively. Both holdups
increase with the increase in TBP concentration because of the decreases in interfacial tension and
density difference.
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4.2.3 Model for dispersed phase holdup

In the lower part of the mixer, both the dispersed and the continuos phases are circulating
between the core region and the circumference of the mixer, flowing out through the space around
the impeller at the flow ratg, + q,,. The holdupy” may be dependent on the discharge mode of
the dispersed phase from the lower part to the upper part of the mixer. Besides the discharge of the
dispersed phase by axial flow through the space around the impeller, a diffusional transfer, de-
pending on a difference in the local holdup gradient near the lower end of the impeller as can be
seen in Fig.8, may exist. Then it was assumed that the discharge rate of the dispersed phase could
be expressed as follows.

QO:(QO+QW)¢L+KA(¢L_¢U) ©)

Where Kis the transfer coefficient arlis cross-sectional area of flow pass around the impeller,

i.e., the area obtained by subtracting the cross-sectional area of four pipes and the area occupied
by the impeller from the cross-sectional area of the colukm @.00558 rin this work). The

value ofK was evaluated from Eq.(5) with and¢’ values shown in Fig.10 and 11, and shown in
Fig.12. The value oK is independent of TBP concentration, i.e., the interfacial tension or the
density difference, and it is also independent of flow rate given in Fig.9. The following correlation

is derived from Fig.12.

K =0.0043 + 260n~7 (6)

The second term of right side in Eq.(6) may express the effect of large rising velocity for large
drop at smalh.

In the upper part of the mixer, the motion of dispersed drops would follow a free rising pat-
tern because of the absence of circulating flow above the LT impeller. Therefore, the holdup of the
dispersed phase may be expressed in a similar way as that in a spray column. Since the dispersed
and the continuous phases flow concurrently through the mixer, the relative velgdigtween
the phases is given as follois

Vs=[@o/¢")—{aw/(1-¢)}/A (7)
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Fig.12 Transfer coefficient of dispersed phase for various TBP concentration in organic phase
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In Fig.11, the increase in ¢" with the concentration of TBP may be due to the change in ¥ for
[TBP]<0.114 kmol/m®, and that in Ap for [TBP] > 0.67 kmol/m’. Since the y-dependence of vy
obtained from q)U in Fig.11 was nearly equal to the Ap-dependence for constant s, values of vg are
plotted against the product of Ap and yin Fig.13. A linear relation has been obtained for each
agitation speed. The product, Apy, mainly depends on Ap at smaller Apyand on yat larger Apy.
Kumar et al.”’ reported that vq in the Kuhni-type extraction column was proportional to y. In Fig.13,
vg is proportional to Apy(i.e., yat large Apy), when n is around 5 s”'. The dependency of vg on Apy
varies with 72; hence vy is correlated as follows.

vs=0.00029 (3.34pY)°, where b =0.2+13n"% ®)

Values of ¢" calculated from Eq.(7) with vy by Eq.(8) are shown in Fig.11 by solid lines,
while ¢L, calculated from Eq.(5) with ¢U and K of Eq.(6), is shown in Figs.9 and 10 by solid and
broken lines. From the comparison of the experimental results with the calculated ones in Fig.9, it
was found that the present model well describes the change in q)L with the flow rate of the continu-
ous phase as well as that with the flow rate of dispersed phase. For the other system of cyclohex-
ane-water, a comparison of calculated ¢" values with the experimental results is given in Fig.14.
In this case the effect of g, or gy, on ¢" can also be explained by the present model.

Holdup distribution of the dispersed phase in the mixer part of the MS column was measured
in a single-stage column having a LT or FBT impeller. For the LT impeller, a large diiference in
the holdups between below and above the impeller was observed. Then a diffusional transfer model
of dispersed phase was proposed to express the holdup in the lower part of the mixer, and the
holdup in the upper part was related to the relative velocity between the dispersed and the continu-
ous phases. The transfer coefficient and the relative velocity as the model parameters were corre-
lated with agitation speed, interfacial tension, and density difference between phases. Good agree-
ment between calculated and experimental holdup was obtained for various flow rates of the dis-
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Fig.14 Comparison of calculated holdup of dispersed phase in lower part of mixer with experimental values
measured for cyclohexane-water system

persed phase and the continuous phase.

5. Drop Size in MS Column

The drop size is used to determine the interfacial area as well as the dispersed phase holdup.
In the general extraction colufith e.g., the MIXCO colunfti’, the Kuhni colum#® or the RDC
columrf®, the drop size varies with the column height (stage number). It makes the column be-
havior complex and the analysis of extraction column difficult, because the dispersed phase holdup
varies with the change in drop size. On the other hand, the drop sizes in the MS column does not
vary with the column height because the stages in the MS column are independent each other.

The drop size in the MS column was measured with a single stage éBlugffects of the
agitation speed, the interfacial tension and the residence time of the dispersed phase in the mixer
are examined, and the drop size distribution is also discussed.

5.1 Experimental

The experimental apparatus is same as used in the measurement of dispersed phase holdup,
i.e., the column of 100 mm inner diameter. The drop size was measured by photography through
the column wall. A small mirror reflecting the light from a stroboscope was located at the level of
impeller and 40 mm distance from column axis by the same way asti@af. The magnifica-
tion of photograph was between 22 and 60. The diameters of about 1000 drops were measured for
each run. The organic phase used in the experiments was TBP-heptane solution and the aqueous
phase was deionized water. The interfacial tension was varied by the TBP concentration, and the
residence time of the dispersed phase was varied by the continuous phase flow rate. All the ex-
periments were carried out at room temperature af 2%C.



Behavior of Multistage Mixer-settler Extraction Column 17

BT T T T T

<2540 ¥s [Key[(TBRI] [Key[(TBP]
~ o1 o 118oua
£ 1.o}— ~o 0012| | @ |067 H
o \o © [1.46 |
P \ T ®|2.44
-:30.4 o —
=)

\8\\@\ 00 "]

\ 0

1.9 R
6. i— Ik \%&:\‘_
B | L1 1 ey

0.06 = = %
n [s]

- .

Fig.15 Sauter mean drop diameter against agitation speed

0.03 T

_AC
s L i
5 /
— —
Rods
| 1 i
0.003
a8 10 20 40 60
rxi0? [N/m)

Fig.16 Effect of interfacial tension on Sauter mean diameter

5.2 Results and Discussion

5.2.1 Sauter mean diameter

Sauter mean diametens,, of dispersed drops are plotted against the agitation speed in Fig.15.
The value ofd,, for each concentration of TBP decreases with the increaseaimd the slope is
—-1.9. This dependency df, onn coincides with that obtained by the batch stirred vessel under
existence of surfactafitwhere the coalescence of drops in the vessel can be neglected. In the
present experiment, the drop coalescence may hardly occur because the holdup of dispersed phase
was very small. As the increase in the TBP concentradigim Fig.15 decreases because of the
decrease in the interfacial tension. The vaILQphl‘9 is plotted against the interfacial tension in
Fig.16, and a linear relation of slope of 0.96 is obtained. Since the absolute value of the slope in
Fig.15 is just twice of that in Fig.16,, can be correlated with Weber number, We(n’p/)), as
follows.



18 K. Takahashi and S. NII

dy, ! D; = 1.00We~ 095 )

Where D; is the impeller diameter. For the agitation vessel, the dependency of drop size on We
number was derived to be —0.6 by Hinze™ from the turbulent theory, and the experimental results
coincident with this theory were reported”*”. However, the dependence in Eq.(9) differs from
that given by Hinze, and it is close to the value —~0.93 given by Konno et al.>® for the batch agitated
vessel.

5.2.2  Effect of residence time of dispersed phase on drop size

The value of d,,/D; in the MS column is about three times larger than that of the batch agita-
tion vessel, because the residence time of the dispersed phase is very short in comparison with the
batch vessel. The drop size in the batch agitation vessel decreases with the agitation time***”, or
that in the continuous agitation vessel decreases with the residence time of the dispersed phase38).
The dependence of dj, on the agitation time or the residence time is between 1/4 and 1/2°Y. The
average residence time, 8,, of the dispersed phase below the impeller in the mixer of the MS col-
umn is given by the dispersed phase holdup ¢" and the dispersed phase flow rate g, as 6, = ¢"V "/
qo- Where V " is the volume below the impeller in the mixer. Since the value ¢L decreases with
the increase in the continuous phase flow rate as shown in Fig.9, the residence time decreases with
gw- The effect of gy, on d, is shown in Fig.17, and the value of 6, obtained from ¢" calculated by
Eqs.(5)—(7) is also shown with a broken line. The value of d,, increases with the increase in gy,
i.e., the decrease in 8, and is given by the following relation.

d “ o 90—0.36 (1 0)

Since ¢" (i.e., 6,,) varies with n or TBP concentration in the dispersed phase, ds, in Fig.15 may be
affected with 8,. The correlation of Eq.(9) was modified by use of Eq.(10) as follows

dy, 1 D,=0.86We *720,0% (11)
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Fig.19 Fraction of second peak in drop size distribution against average residence time of organic phase

The absolute value of dependencegfD; on We number becomes smaller than in Eq.(9), but it is
still larger than 0.6 derived theoretically by Hinze.

5.2.3 Drop size distribution

Volumetric drop size distribution of the dispersed drops in the mixer of the MS column is
shown in Fig.18. At a small agitation speed, two peaks are observed in the distribution. When the
distribution is divided into two single peak distributions under an assumption that the first distri-
bution (smaller drops) is symmetric, the first one is given by normal distribution and the second
one by a logarithmic normal distribution. The fractidhg, of the second distribution to the total
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distribution are given againé in Fig.19. The value ofi, was varied by three methods: by the
agitation speed, by the TBP concentration and the flow rate of continuous phase. In &ry, case,
decreases with,, that is, the fraction of the first distribution increased with the hotpﬂuﬁl’his

indicates that the drops of the first distribution may be the circulating ones within the mixer and
suffer several times breakage, because the increase in the circulating drops results in the increase
of ¢~. The drops of the second distribution may be generated by the initial breakage of the inlet-
dispersed phase, whose distribution is given by a logarithmic normal distribution like as the spray
dispersior”.

The drop size in the MS column varies with the residence time of the dispersed phase as well
as the agitation speed and the interfacial tension between phases; it is correlated by Eq.(11). The
drop size distribution has two peaks and the fraction of the first peak for small drop increases with
the residence time of dispersed phase.

6. Mass Transfer Coefficients in MS Column

To design the extraction column, the mass transfer characteristics must be also known. In the
usual extraction column, the diameter of dispersed drops and the dispersed phase holdup depend
on the vertical position of the colufifi, and the accurate estimation of these variations is diffi-
cult’®. This makes it difficult to determine the mass transfer coefficients in the extraction col-
umn. On the other hand, the partition between stages in the MS column is more complete than
those in other extraction columns, and the hydrodynamic behavior in one stage may not be af-
fected by those in other stages, i.e., the behavior is independent for each stage. The Sauter mean
drop diameter in the Wirz column does not change with the stage rithainer flooding in the
MS column occurs simultaneously in every stigeThis independence of each stage makes the
analysis of mass transfer behavior simple.

The volumetric mass transfer coefficients of the MS column were measured with a single
stage columff, and the mass transfer coefficients of both dispersed and continuous phases were
determined by use of the interfacial area estimated from the Sauter mean drop Hametere
dispersed phase hold@b These coefficients were compared with theoretical values and with
mass transfer coefficients obtained from a rigid sphere correlation.

6.1 Experimental

Experimental apparatus used in this work is a single stage MS column that is the same as in
the previous pap&. This corresponds to one stage of the MS column shown in Fig.2, and both
inner column diameter and column height are 100 mm. The column is divided into a mixer part
of 59 mm height and a settler part of 38 mm height by a stator ring of 3 mm thickness having 50
mm opening. A drop coalescer, a three dimensional lattice of 12 mm height and.2.5qm
rectangular pitch made of glass fiber meshes coated with PTFE, is set on the stator ring. Agitation
in the mixer is carried out by a lifter-turbine impeller which has 6-blade of 10 mm height and 14
mm width under a disk of 50 mm diameter. The impeller position is 51 mm from the bottom of
column to the upper surface of impeller disk.

An aqueous solution of-Kl is fed to the mixer, rises into the settler through the coalescer
and is led to the leveler from the bottom of the settler. A dispersed phase of heptane is started
feeding to the mixer after filling the column with the aqueous solution, rises through the coalescer
with the aqueous phase and goes out from the top of the column. lodine in the aqueous phase is
extracted into the organic phase in the column, and the concentrations in the outlet aqueous and
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organic phases decrease with time and become constant. Since steady state is achieved after flow-
ing ca. 0.0018 rthsolution (about four times volume of the mixer), aqueous and organic samples
are taken from the outlet levelers after flowing ca. 0.0d5atution. lodine concentrations in the
organic phase are determined by a spectrophotometer and those in the aqueous phase by the titra-
tion with a solution of sodium thiosulfate. The distribution ratio of iodimehetween aqueous

solution and heptane is determined for each experimental run by measuring the iodine concentra-
tions in both phases after equilibrating the outlet organic phase with the outlet agueous phase. The
distribution ratios, which vary with the concentration of iodic"’?brwere between 5 and 8 in the
present experiments. For this valuemthe mass transfer resistance in aqueous phase is domi-
nant.

In the measurement of mass transfer coefficient within the dispersed phase, a heptane solu-
tion of iodine is fed as a dispersed phase and an aqueous solution of sodium thiosulfate as a con-
tinuous phase, and the iodine concentrations in the outlet organic phase and the feed solution are
measured. The physical properties used in the present study are shown in Table 1, which are almost
same as heptane-water system.

Table 1 Physical properties of phases

dispersed phase continuous phase
density [kg/n] 682 997
viscosity [Pa-s] 8.94x 107"
diffusivity [m?s] 3.86x 10° 1.33 x10°
interfacial tension [N/m] 5.06 x10°

6.2 Results and Discussion

6.2.1 Volumetric over-all mass transfer coefficient

It is assumed that the extraction of iodine proceeds only within the mixer and both the con-
centrations of continuous and dispersed phases leaving the mixer are equal to those within the
mixer (i.e., complete mixing). The volumetric over-all mass transfer coeffié{gamtbased on
the continuous phase concentration is obtained by the following equation.

K Aa (C cout Cc,out*) VM = QC(C cin C c,out) (12)

WhereC, is the iodine concentration in aqueous phagevolume of the mixerQ, flow rate of
aqueous phase and suffixes, out and in, express outlet and inlet, respéztiyglis the aqueous
concentration in equilibrium with the outlet organic phase and gived, hyf = C; ,,/m, where
Cq.ouis the average concentration of outlet organic droplets. The assumption of complete mixing
does not mean a uniform concentration of the dispersed phase, but the average concentration of
dispersed drops leaving the mixer is equal to that within the mixer. Dispersed drops have various
concentrations corresponding to the residence time of the drop in the mixer.

The values oK a are shown in Figs.20 and 21 for a constant flow rate of continuous phase
and that of dispersed phase, respecti€lg.increased with the agitation speadand the value
for n=12.1 §"is about ten times that for= 5.7 §". The effect of dispersed phase flow radg,
onK.a in Fig.20 is larger than that of continuous phase flow rate in Fif alincreases with the
increase irQ,, while it decreases with the increas&jn
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6.2.2 Interfacial area

To obtain the mass transfer coefficient, specific interfacial aréathe mixer must be known,
which is given by

a=6¢/d, (13)

wheregis dispersed phase holdup in the mixer dgdauter mean diameter of dispersed drops.
In the present mixer the value gbelow the impeller differed from that above the impeller, the
value ofgcould be obtained by averagigand¢ as

P=@V"+@VhHiv, (14)

WhereV" andV’ are volumes below and above the impeller, respectivelyVgrile volume of

mixer. The value of’ is calculated by Eqgs.(7) and (8), agicby Egs.(5)—(7). On the other hand,

d,, is correlated by Eq.(11). The specific interfacial area can be calculated from Egs.(13) and (14)
with the assumption that the valuesdgfabove and below the impeller are same. An example of
calculated value dd for the present experimental condition is shown in Fig.22 gtk andd,,.

As the agitation speed increases, valueg’ @nd¢ increase and,, decreases, i.e., the interfacial

area increases largely with the increase.inThe calculated values affor each experiment are
shown in Figs.20 and 21. It increases withr Q4 and decreases wifd,. The changes iK.a are

similar to those i, i.e., the volumetric over-all mass transfer coefficient varies according to the
change in interfacial area. The over-all mass transfer coeffi€jetdes not change with @, or

Qc .

6.2.3 Over all mass transfer coefficient

The over-all mass transfer coefficientWas obtained by dividing the volumetric coefficient
by the interfacial area and shown in Fig.23 a5, $Kd;,/D ) to compare with the data for vari-



24 K. Takahashi and S. NIl

1000 Ty g
[ Lines are data arranged by Kumar and ]
[ Hartland{1988) for fcllowing columns
r 1 Kihnicolumn
I 2 RDcolumn
3 EC column
100 jL:._ 4 PSE column -
- - 5§ Spraycolumn
F- 2 @
(77 &
10 £ % —
1 il | vl |
101 17 19 10 10 108
ReSc [-]

Fig.23 Correlation of Sf against Re-Sc

ous extraction columns given by Kumar and Hartf@nd The diffusion coefficient of iodine in
water was given by Darral and Oldh&has in Table 1. Reynolds number, Re, in the abscissa was
obtained with the slip velocity (relative velocity) calculated by Eq.(7) with the column cross sec-
tional area and instead ofA and¢’ in Eq.(7), respectively.

According to Kumar and Hartland, correlation for several extraction columns, i.e., Kiihni col-
umn, rotating disc column (RD), enhanced coalescing column (EC) and pulsed sieve extraction
column (PSE) are almost same. While, the correlation is apart from the present experimental
points. Reynolds number in the present experiments is small due to the small slip velocity be-
cause of the small drop diameter. Drop diameters were in the range of 0.15-0.67 mm as shown in
Fig.22. With such a small drop diameter, the extraction columns given by lines 1-5 in Fig.23
could not be operated. Since relatively large number of drops circulate within the mixer in the
present experiments, the dispersed phase holdup is larger than that in the Kihni column (line 1),
andy, calculated by Eq.(7) are small as 0.0007-0.003 m/s. Because the distribution ratio in the
present experiments is large, mass transfer resistance in the continuous phase is don8hgnt and
is larger than the theoretical valueSif = 2 for the quiescent continuous phase.

6.2.4 Dispersed phase mass transfer coefficient

The volumetric dispersed phase mass transfer coeffij@ntyvas determined by the follow-
ing equation from the back extraction of iodine in the iodine-heptane solution by the aqueous solu-
tion of sodium thiosulfate.

KeaC youVm =Qq (Cyin—Cyow) (15)

WhereC, , is the inlet iodine concentration in heptane. The iodine concentration at the interface
was assumed to be zero because of the instantaneous reaction between iodine from the organic
phase and sodium thiosulfate in the aqueous phase. The effects of flow rates of dispersed and
continuous phases dga are shown in Figs.24 and 25, respectively. The vallkgaofncreased



Behavior of Multistage Mixer-settler Extraction Column 25

10 ¢ T T T 3
F Q108 ]
F [m¥/s] o
[ 1< 4.0
rla 1.0
m] 0.62 O
1 3 & -
- F A
» L
L ]
o | o]
&
o1 ] _
F (o] A ]
I u - 3,
r Qo =3.4410%¢ m¥/s
0.01 L L ; L
4 & a8 10 12 14
n [s1]

Fig.24 Effect of dispersed phase flow rate on volumetric dispersed phase mass transfer coefficient

10 T T T T
Qx108
{m¥sg]
a 6.0
A 3.4
o] 1.6 g
10 | A —
o
- A
% B
o
e Y E
i B
Qy = 1.0x108 m¥s
0.01 | | | ]
4 8 B 10 12 14

n [

Fig.25 Effect of continuous phase flow rate on volumetric dispersed phase mass transfer coefficient

with the increase in Qwhile it varied little with the change @..

By use of the calculated interfacial area, the dispersed phase mass transfer coefficients were
obtained from the volumetric mass transfer coefficients in Figs.24 and 25 and shown in Fig.26.
The coefficient increased with the agitation speed, but it varied little with the cha@geriQ..

6.2.5 Dispersed phase mass transfer coefficient based on rigid sphere model
For the present back-extraction, the average concentr@jqrof iodine in a drop of resi-
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dence time is given by the diffusion model within a rigid sphere as foll&ks
Cyn—C & 4D n?7r’t
d,in d,t — 1_@ Z % eXp _ d 5 (16)
C:d,in =1n d

The value o, , ,was calculated by use of the average residencedijm®/, ¢/ Q,) ast in Eq.(16),
andk, was determined from Eqg.(15).
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The calculated values of k, are larger by several orders than the observed ones as shown in
Fig.27. The calculated concentration of outlet drop having the residence time 6, is very small.
There are drops of various residence times, and the concentration of drop increases with the de-
crease in the residence time. Therefore, the average concentration of outlet drops may differ from
the value calculated by the average residence time.

Under an assumption of the complete mixing within the mixer, the residence time distribution

is expressed as
f&)=(176exp(-t/6y) A7)

Then, the fraction, Y, of iodine back extracted within the mixer is given as

Can—Caon | [Con—Ca
Y=—0 = — T Hf()dr 18
Cd,in Cd,in f( ) ( )

0
On the other hand, the dispersed phase mass transfer coefficient is derived from Eq.(15) as follows

k. = Qd Cd,in_ Cd,out :g_:;l Qd YCd,in — d32 Y (19)
4 aVM Cd,out 6 ¢VM Cd,out 69(1 1-Y

The value of k, calculated by Eq.(19) is shown in Fig.28. In the calculation, Sauter mean diameter
dy, was used as the drop diameter d in Eq.(16), and the diffusion coefficient of iodine in heptane
was estimated with Wilke-Chang correlation by use of the observed value for CO, in heptane
(Sherwood et. al.*”) as shown in Table 1. Although k, decreases with 6, the change is very small
for 6,> 10s. In the present experiments 6, varied between 15 s and 51 s, and the effect of 6, on
could be negligible.

[m/s]

kqx10°

dx10* [m]

Fig.28 Dispersed phase mass transfer coefficient based on rigid sphere model
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Fig.29 Correlation between volumetric mass transfer coefficient in continuous phase and specific interfacial
area

The theoretical values & calculated for the experimental conditions are shown in Fig.26
with two lines as a largest and a smallest values for various flow rates of the dispersed and the
continuous phase. The variation of calculdtgdith the flow rates is small and it mainly de-
pends on the change in drop diameter which varies with the average residence time, i.e., the dis-
persed phase holdup. Though all experimental values are somewhat larger than the theoretical
ones, the difference between them is small. It can be concluded that the dispersed phase mass
transfer coefficient can be calculated based on the diffusion model within the droplet by taking
into account the residence time of the drops.

6.2.6 Continuous phase mass transfer coefficient

According to the addition rule of mass transfer resistance expressed by the volumetric mass
transfer coefficients

1/Ka=(1/ka)+(1/mka) (20)

The volumetric mass transfer coefficient, kn the continuous phase were determined fkgan

in Figs.20 and 21 andain Fig.24 and 25. As shown in Fig.2Qa is proportional to the specific
interfacial area, that i&; varies little with the agitation speed or the flow rates of dispersed and
continuous phases.

The dispersed drops are circulated with the continuous phase below the impeller in the mixer.
When the drop diameter is small as in the present experiment, the relative velocity between the
drop and the continuous phase may be small, which depends on the gravitation force. Here, we
assume that the terminal settling velocity of a rigid sphere having the same diameter and density as
the dispersed drop expresses the relative velocity. The terminal velpéstygiven as follow4?.

v,=d’Apg/18n forRe<1 (21)
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vi=[{(A2+A)"* = A} /1.1])% for Re< 10" (22)

where A, = 4.8 (7 /pd)"?, A, = 2.54 Apgd / p)"?
The mass transfer coefficient around a rigid sphere is correlated by Ranz and Kfhashall
follows.

Sh,=2.0+0.60 Re'/?Sct? (23)

The continuous phase mass transfer coefficiéptéor the present experiments are determined
from values ok.a anda obtained above, and Sre plotted against K&sc” in Fig.30, where Re
are calculated with the terminal velocities of drops as mentioned above. In the figure, Eq.(23) is
also drawn with a solid line. The present experimental results coincides very well with the corre-
lation of the solid line, that is, the continuous phase mass transfer coefficient can be given by the
mass transfer coefficient around a rigid sphere calculated with the terminal settling velocity as the
relative velocity between phases. The over-all volumetric mass transfer coefficiaits the
conditions as in Figs.20 and 21 are calculated from Egs. (11), (13), (14), (19), (20) and (23). The
calculated values are shown in Figs.20 and 21 by broken lines, which agree very well with the
observed values.

The volumetric mass transfer coefficiégd of the continuous phase could be calculated from
K.a andkga by use of the addition rule of mass transfer resistance. By using the specific interfa-
cial areaa estimated from the Sauter mean diameigof dispersed drops and the dispersed phase
holdup ¢, the mass transfer coefficiels k, andk; could be determined froik.a, k;a andk.a,
respectively. The correlation fét, in the literature, which could be applied for Kiihni column,
RDC, EC column and PSE column, could not be applied for the present MS column where the
diameter of dispersed drops was smaller by about one order in magnitude than those in above
columns. The dispersed phase mass transfer coeffigidapended on agitation speed but not on
the flow rates of both phases. The valu&afoincided with the theoretical value based on the

104 T T

i Q105 | Qx106

[-]

Sh,

4 1a 100
Rel/2g.1/3 [-]

Fig.30 Correlation for continuous phase mass transfer
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diffusion within a rigid sphere using the residence time distribution of dispersed drops. The con-
tinuous phase mass transfer coefficient &, did not vary with the agitation speed as well as the flow
rates of both phases. The continuous phase mass transfer coefficient could be given by the corre-
lation of mass transfer around a rigid sphere. The terminal settling velocity of a rigid sphere with
the same diameter and density as the dispersed drop was used as the relative velocity between the
dispersed drop and the continuous phase.

7. Stage Efficiency in MS Column

The stage efficiency is convenient for the calculation of the practical stage number in the
multistage counter current extraction column. The efficiency depends on the mass transfer coeffi-
cients, the interfacial area, the flow rates and the axial mixing between stages. The stage efficiency
of the MS column has been measured with the iodine extraction from aqueous phase into heptane.
The effects of the agitation speed, the flow ratio of the dispersed phase to the continuous phase
and the distribution ratio of iodine between phases on the stage efficiency are discussed'”. Esti-
mation of the stage efficiency is also discussed by use of the results in the previous chapter.

7.1 Experimental

The extraction column used in the experiment consists of three stages and a bottom drop
coalescer of nonwoven material and the inside diameter of the column is 60 mm. Each stage is
partitioned into an upper settler of 40 mm height and a lower mixer of 50 mm height. A 6-blade
lifter-turbine of 30 mm diameter is used to agitate in the mixer and a three-dimensional lattice
drop coalescer is set on the stator ring of 30 mm in opening diameter between the mixer and the
settler. The lattice coalescer, which is made of glass fiber mesh coated with PTFE, is 12 mm in
height and 2.5 X 2.3 mm rectangular pitch.

An aqueous solution (continuous phase) fed to the mixer of top stage rises through the
coalescer into the settler with the dispersed phase, goes down through two downspouts located at
opposite sides of the column into the lower stage mixer after settling into two phases and finally
be led to the leveler from the bottom of the column. An organic solution (dispersed phase) fed at
the bottom of the column rises from the mixer into the settler with the continuous phase, from the
settler into the upper stage mixer through risers and overflows from the top of the column. The
downspout is a glass tube of 5.5 mm in inside diameter and the riser is a PTFE tube of 4 mm in
inside diameter. The continuous phase and the dispersed phase flow counter-currently as a whole.

Stage efficiencies were measured with the experiments of iodine extraction from an aqueous
solution of I,-KI into the dispersed phase of n-heptane. After the column was filled with the aque-
ous solution, iodine free heptane was fed and the outlet aqueous solution and the outlet organic
solution were taken at intervals of 5 minutes. Iodine concentration of these samples was measured
by a spectrophotometer. Steady state was achieved after flowing the solutions of over three times
of the column volume when the flow ratio of aqueous phase to organic phase was 4. Since the
distribution ratio of iodine for the present system varies with concentration of iodic ion in the aque-
ous solution“), the aqueous solutions of various KI concentrations were used in the experiment to
change the distribution ratio. The distribution ratio for each experimental run was determined by
measuring the iodine concentrations of the dispersed and the continuous phases after equilibrating
two phases.

Stage efficiencies were also measured with a MIXCO column for the comparison with the
MS column. Same column shell as with the MS column was used, and the column was divided
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into five stages of 60 mm in height by stator rings of 31 mm in opening diameter. The top and the
bottom stages were used as the settlers, and a 6-blade turbine impeller of 30 mm in diameter was

set at the center of each stage for three stages. Time to reach a steady state was about twice of that
for the MS column.

7.2 Results and Discussion
7.2.1 Stage efficiency

Liquid-liquid equilibrium for the extraction of iodine from aqueous phase into heptane is given
by

C, =mC, (24)

whereC, andC, are the iodine concentrations in heptane and aqueous phase, respectivaly, and
distribution ratio of iodine which is expressedry 36.6/(1 + 748[1)*®, where [I] is iodic ion
concentration in kmol/fh Since mutual solubilities between heptane and water are very small, the
operating line for the multistage counter-current extraction is expressed by

Cd,p_Cd,in:(Qc/Qd)(Cc,p+1_Cc,out) (25)

whereQ, is the raffinate phase flow rat®, the extract phase flow ratg, ;, the iodine concentra-

tion in organic phase fed to the bottom of the column,@ng the iodine concentration in aque-

ous phase from the bottom of the column. Stage number is counted from the bottom of the col-
umn. The stage efficiendy,, based on the concentration of organic phase is defined as follows.

EOd:(Cd,p_Cd,p—l)/(Cd,p* _Cd,p—l) (26)

WhereC, ;* (= mC, ) is the organic phase concentration in equilibrium with the aqueous phase of
p-th stage. The equilibrium line and the operating line given by Eqgs.(24) and (25), respectively, are
straight lines o€ ~C, diagram as shown in Fig.31. Under an assumption that the stage efficiency
does not vary with the stage number, the poi@ts,{, Cqy 1, (C; » Cy 2: - - -, C, - Cd'p), e

cd.aul /. -
Cy=mCe e
—_— Cq=alz+b - i
1 .
€ Gy -
o fap ﬁ(r,"
£ o i Ca =(Qe/QaK G
€4, p1 < -Ce,out} + Cdjin
(-_)U Cd, 1 /'
Ca,in /
Cc.wl ce.p c:. p1 cc, n

C: [kmol/m3]

Fig.31 Diagram to determine stage efficiency
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(C., » Cy4 ow» Which represent the concentrations of the dispersed and the continuous phases leav-
ing the stage, are on a straight line as show8 yaC, + b in Fig.31, and the following relation
can be obtained.

Cd,p_Cd,p—l:(Qc/Qd)(Cc,p+1_Cc,p) (27)
Cd,p+1 - Cd,p = a(C cp+l Cc,p) (28)

From these equations
Cd,p+1_Cd,p:r (Cd,p_Cd,p—l) (29)

wherer =a/(QJ/Qy). The seriesq, - C4, 4} is @ geometric progression, and the summation of the
series is

z {Cd,p_Cd,p—l}

=Cuou—Cuin=Cy—Cy)@+r + r?+ ™Y (30)

From the definition of the stage efficiency,

_ Cd,p - C:d,p—l - (aCc,p+b) - {(Qc /Qd)(cc,p - Cc,out) + Cd,in}

0= (31)
Cd,p — Cd,p—l rnCc,p - {(Qc /Q d)(Cc,p - Cc,out) + Cd,in}

This equation is rearranged as follows.
{a—mEq—(1-Eod)Q./Qy}Ccp+b—(1-Egy)
*{Cuin—Qc/QyC ot =0 32)

To satisfy Eq.(32) for any value G ,
a=mEq +(1-Eog)Q./Qy),
b=(1-Ecd{Cun—Qc/Qu)Cead 33)

By substitutingCy , — Cy i =Eoq (Cy 1" — Cy, i) = Eo MG, o= Ca, i) t0 EQ.(30),

EOd (rnCc,out_Cd,in) (1+r +r2+ |:D:'H-rp_l)_(Cd,out_Cd,in):0 (34)
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where
r=aQ./Qy)=Eo{m/Q./Qy)-1} +1 (35)

The ratio of flow rate is given b®/Q,= (Cy o,i— Cy i) (Cein — Ce o) from the mass balance of the
column. The value dE,, can be determined from Egs.(34) and (35) with the measured values of
Cc,, in Cc,, out Cd, in Cd, outandm-

7.2.2 Effects of agitation speed, flow rates and distribution ratio on stage efficiency

Stage efficienciekyy of MS column and the MIXCO column are shown in Fig.32 against the
agitation speed for the distribution ration = 6.0 and flow ratidQ/Q, = 4. Ey4 of MS column
increased monotonously with the increasa and high stage efficiency could be obtained at a
strong agitation in the present experimental condition. WHj|eof the MIXCO column stops
increasing for large value of and the value is smaller than that of the MS column in spite of the
fact that the holdup of dispersed phase (i.e., the interfacial area) of the MIXCO column is larger
than that of MS column. The stage efficiency of the MIXCO column may be affected by the axial
mixing between stages. Since the axial mixing increased with the agitation speed, the difference
in Egq between two columns became large withThe MS column may be a high performance
extraction column, which can achieve large stage efficiency as well as a large throughput and a
stable operation at a vigorous agitation. However, if the agitation speed is continued to increase, a
large part of dispersed drops will pass through the coalescer without coalescing and be accompa-
nied by the continuous phase, the decrease in the stage efficiency follows. Though smaller drops
can be coalesced with the coalescer of smaller mesh pitch, the pressure drop by the coalescer in-
creases with the decrease in mesh pitch, which decreases the thrBughput

The effect of throughput on the stage efficiency is given in Fig.33 for a @y€} andm.

Here,U, andU,, are superficial velocities of the dispersed and the continuous phases respectively,
andU, + Uy, = 1.33x 10° m/s corresponds @, + Q, = 3.75x 10° m’s for the present column.

E,q varied little with the total throughput, + U,,. The holdup of dispersed phase increases with
the increase it and decrease with the increas&ljp and the effect dfl, is larger than that of

U,”?, i.e., the holdup may increase by doubling+ U,, under a constai@/Q,. While the resi-

07

S | MS column
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Eod [-]
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Fig 32 Comparison of stage efficiencies between MS column and MIXCO column
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Fig.33 Effect of throughput on stage efficiency

dence time of dispersed phase decreases with the incredge amd the size of dispersed drop
increases with the decrease in the residenceétimas the effect of the flow rate on the stage
efficiency, the contribution of the holdup is positive and that of the residence time is negative,
because the interfacial area is proportional to the holdup and inversely proportional to the drop
size. The former may be compensated by the latter in case of Fig.33. On the othEg [fand,
givenmincreased with the flow ratiQ/Q,, and that for a give®/Q, decreased with the distribu-
tion ratiom as shown in Figs.34 and 35.

When the stage efficiendy,, defined by the following equation with the concentration of
continuous phase is used, the dependency of the stage efficiemcgral)/Q, may be different
from the above results.

EOc:(Cc,p_Cc,p+1)/(Cc,p_Cc,p+1) (36)
WhereC% ,=C, ,/ m. In the same way as f&k,, the following equation can be derived.

(Eocr / m) (rncc,out_ Cd,in) (1 +r+ r2 + EEDH’ P_l)
- (C cin C d,out) =0 (37)

Wherer = 1{E,(Q/Qy)/m+ 1 —E4. In Fig.35,E, for the same data used to calculBtgare
also plotted againsh. E,increases with the increasenmin contrast to the changeBf, The
value ofE, is larger tharky, for m > QJ/Q, and the reverse is also true. The changé,pfs
large form < Q/Q,, while that ofEy is large for m> QJ/Q.

7.2.3 Estimation of stage efficiency

Under the assumption that mass transfer occurs only within the mixer and the concentrations
C.pandC, , of the outlets fronp-th stage are equal to those in the mixer, i.e., complete mixing
within the mixer, the volumetric over-all mass transfer coefficikg, based on the continuous
phase concentration is given as
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Fig.35 Effect of distribution ratio on stage efficiency

KcaVM(C c,p_Cc,p*) = Qc(Cc,p—l_Cc,p) (38)
whereV,, is volume of the mixer. Equation (38) is rearranged as
KcaVM /Qc:(Cc,p—l_Cc,p)/(Cc,p_cc,p*) (39)

From Egs.(36) and (39), following relation between the stage efficiency and the volumetric mass
transfer coefficient is derived.

Eoe=(KaVy/QJ/{1+KaVy,/QJ} (40)

In the same way, the stage efficiengy,, based on the dispersed phase concentration is ex-
pressed as follows.
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Fig.36 Comparison of experimental stage efficiencies with calculated ones

Ew=KaVy/Qy)/{1+KaVy/Qy} 41)

WhereC, * is the dispersed phase concentration in equilibrium with iKGa the volumetric over-

all mass transfer coefficient based on dispersed phase concentrat@V¥g X (Cy , — Cy p1d)/

(Cqpf — Cqp)- The stage efficiency can be determined by Eq.(40) or (41) if the volumetric over-all
mass transfer coefficient is estimated.

By using the extraction data with a single stage MS column with which the valesiof
Figs.20 and 21 were obtained, the stage efficiécys calculated by Eq.(36) and shown in Fig.36.

The efficiency increases with the agitation speed in the same way as in Fig.32, and it increases
with the increase in the dispersed phase flow rate and decreases with the increase in the continuous
phase flow rate. For the experimental conditions of Fig.36, the stage efficiency is calculated from
Eq.(40) withK a. The over-all volumetric mass transfer coefficiég is calculated from Eq.(20)

with a, k., andk,. The interfacial areais calculated from Eq.(13) witpandd,,. The dispersed

phase holduppis calculated from Eq.(14) witi’ and¢gf. The holdupy’ above the impeller in the

mixer is calculated from Egs.(7) and (8), agicbelow the impeller from Egs.(5)-(7). The drop

size d, is obtained from the correlation of Eq.(11). The continuous phase mass transfer coeffi-
cientk, is calculated from Eq.(23) with the terminal settling velogityiven by Egs.(21) and (22).

The dispersed phase mass transfer coefficient is calculated from Eq.(19) using Egs.(16)—(18). The
calculated results are shown with solid lines in Fig.36. They agree well with the experimental
results for any flow rates of both phases. This indicates that the stage efficiency can be estimated
rationally for the MS column.

To clarify the effects of flow rates df, or E,g, the stage efficiencies were calculated for
various flow rates by use of the same physical properties and the same column geometry as used in
Fig.36. Figure 37 show the effects of flow ratessgpor E,, The calculated value ofEin-
creases with the increase@, while E,4 decreases largely with the increas&jn(solid lines).

This behavior can be explicable in terms of the change in interfacialeafe@cause the mass
transfer coefficients of both phases vary little with the change of flow rate as mentioned above.
When the value o), increases at a consta@t, the dispersed phase hold-up increases monoto-
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Fig.37 Calculated results for effects of flow rates on stage efficiencies

nously and the drop diameter also increases due to the decrease in the residence time given by
\/qu*/Qd. Then the value od given by @d,, increases for smal), and decreases slightly for
largeQ, because the drop diameter effect becomes more predominant than the hold-up one. Then
the value ofE, increases witlQ, for small Q but slightly decreases for larg®. On the other
hand K aV,,/Q, in Eq.(41) decreases with increas&jp thenEg,, decreases witl, as shown in

Fig.37. When the continuous phase flow rate increases under caQgtémt dispersed phase
hold-up decreases and the drop diameter increases, i.e., the valdecofases with both effects.

Since the value df aV,/Q. in Eq.(40) decreases with increaseindue to both effects of de-
creasinga and increasin®®,, the value ok, decreases rapidly with the increas&jras shown

by the broken line in Fig.37. The changeE), with the increase iQ, in Fig.37 is moderate
becaus& aV,,/Q, in Eq.(41) decreases only by the decrease ifihe experimental values of E

shown in Fig.34, which were obtained with the small column, have the same tendency as the above
description, that is£o, decreases witQ,.

Figure 38 shows the calculated effect of the distribution ratlBspandE, for constant flow
rates ofQ, = Q, = 10° m’/s. The valueE,, for a constant agitation speed increases with the in-
crease i, for K.aV,,/Q. in Eq.(40) increases witk, which increases with the increaseniras
given by Eq.(20). The values Bf, decrease with the increasenmfor K, decreases witm. In
case o = 6 $" where the value dt, is nearly equal té,, Eo. andE,, in Fig.38 are symmetric
each other. However, in caserof 12 §', variation ofE, is smaller than that of 5 because, is
larger by several times th&n The same effects of onE,. andEy, are seen in the experimental
results shown in Fig.35.

The stage efficiency of the MS column increased monotonously with the increase in agitation
speed. Since stable operation is possible at a high agitation speed with this extraction column,
both large stage efficiency and a large throughput, which is desirable for the counter-current ex-
traction column, can be achieved. It is confirmed that the stage efficiency can be estimated ratio-
nally by use of the interfacial area and the mass transfer coefficients of the continuous and dis-
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Fig.38 Calculated results for effects of distribution ratio on stage efficiencies

persed phases. The interfacial area is determined with the dispersed phase holdup and the drop size
and the mass transfer coefficients in both phases with a rigid sphere model. The calculated stage
efficiency Eq4 based on the dispersed phase concentration increased with the flo@ @jiof

the continuous phase to the dispersed phase. The calculated ViBjjele€reases with the in-

crease irm, while E,. based on the continuous phase concentration increasas.withese ten-

dencies were also observed in the experimental results.

8. Extraction of Copper by MS Extraction Column

Solvent extraction is useful for the removal of heavy metals from wastewater. An effective
removal of metal from a dilute solution can be achieved by multistage counter-current extraction.
We have proposed a multistage mixer-settler extraction column (MS column) which realizes a large
throughput® and a high stage efficien®/simultaneously under a strong agitation. Copper, one
of hazardous materials contained in the wastewater from various electroplating, mines and metal-
lurgy, chemicals, electronic etc. industPfsnust be prevented from being discharged into the
environment. Heavy metal in a dilute solution just as a rinse water is difficult to remove, and the
separation technique of high efficiency is necessary.

Copper was extracted from a dilute solution through a five-stage MS column, and the extrac-
tion rate of copper by LIX841 was measured within a flat interface stirred vessel {PISWHe
simulation for the multi-stage counter-current extraction, where both the mass transfer and the ex-
tractive reaction are taken into account, are discussed by use of the specific interfacial area deter-
mined from the dispersed phase holdup and the dispersed drop size, mass transfer coefficients in
the continuous and the dispersed phases, and the extractive reaction rate at the interface. The simu-
lated results are compared with the observed ones, and the effects of stage number and flow rates
of both phases on the removal of copper are estimated by the simulation.
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8.1 Experimental

The MS column used for copper extraction is shown schematically in Fig.2. The column was
made of acrylic resin pipe of 100 mm inner diameter and has five stages and a drop coalescer at
the bottom of the column. Each stage consists of a mixer of 60 mm height and a settler of 40 mm
height. A three-dimensional drop coalescer of 12 mm height made of glass fiber mesh coated with
PTFE is set on a stator ring of 50 mm opening diameter between the mixer and the settler. A lifter-
turbine impeller which has six blades under a disk of 50 mm diameter carries out agitation in the
mixer.

The feed solution was an aqueous solution of 0.15 naépper(ll) chloride with the pH
adjusted to 2.6 by the addition of hydrochloric acid. Diluent was Shellsol 71 (Shell Chemicals
Co., Ltd.) and the copper extractant, LIX84l (Henkel Co.), was dissolved in the diluent. The feed
solution is fed into the mixer of top stage and contacted with the organic solution. Both the aque-
ous and the organic solutions rise together through the drop coalescer and separated into each phase
within the settler. The aqueous solution goes down into the mixer of lower stage through the down-
spout, and finally is led to the outlet leveler from the bottom of the column. The organic solution
fed to the bottom of the column flows into the bottom stage mixer through the riser tube then rises
into the settler with the aqueous solution. After separation from the aqueous phase within the
settler, the organic solution rises into upper stage and finally is led to the outlet leveler from the
top of the column. The flow rates of the aqueous and the organic solutions wetk03.and 0.6
x 10° m7s, respectively. The organic solution was fed after filling the column with the aqueous
solution. When the aqueous volume fed to the column exceeded four times of the column volume,
the outlet copper concentration became constant (i.e., steady state). The steady state copper con-
centration in the outlet solution was determined by an atomic absorption spectrophotometer
(Shimazu Co., type AA-6400F).

The extraction rates of copper by LIX84l were measured by a FISV. The vessel has 55 mm
inside diameter and 200 &im volume with four baffles and two paddle impellers of 24 mm diam-
eter at height of 12 mm and 35 mm from the bottom of the vessel. The organic solutisn of 5
10° m® was laid on the aqueous solution of 50° m®, and both phases were stirred at'2 $he
extraction rate of copper was determined from the concentration change in the aqueous phase.
Mass transfer coefficients in the organic and the aqueous phases were measured by the iodine trans-
fer from heptane solution of iodine into }$20, aqueous solution and that frogKl aqueous
solution into heptane, respectively. These measurements with the stirred vessel were carried out
within the water bath of 298 0.5 K.

8.2 Results and Discussion

8.2.1 Copper extraction with MS column

Concentration ratioX (= C, ,,/Can) Of copper in the outlet aqueous solution to that in the
inlet solution are shown in Fig.39 against agitation spe€ethe ratio is reduced largely by chang-
ing the extractant concentrati@y,, ;, from 1.78 to 8.78 mol/fh ForCqy, = 8.78 mol/n andn =
10 s, the value o is 0.002, which indicates that the effective removal of copper from a dilute
aqueous solution is achieved by the multi-stage counter-current extraction.

8.2.2 Mass transfer coefficients in FISV

The extractive reaction between copper ion and LIX84l may proceed at the interface, since
copper ion does not dissolve into the organic phase and LIX84l can hardly dissolve into the aque-
ous phase. It is necessary to estimate the interfacial concentrations by the use of the mass transfer
coefficients to assess the effects of the reactants on the interfacial extractive reaction rate at the
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Fig.39 Extraction of copper with a five-stage mixer-settler extraction column
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Fig.40 Mass transfer coefficient of iodine transfer within heptane or aqueous solution in FISV

interface. The mass transfer coefficidqy,,, in the organic phase was measured by the iodine
transfer from heptane into Bg0O, aqueous solution and shown in Fig.40. It was correlated as
follows.

Kyoep = 1.53 X 1075008 (42)
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On the other hand, the mass transfer coefficlenf, in the aqueous phase is determined by use of
the additive rule of mass transfer resistance frgmpland the over-all mass transfer coefficient,
Ki,.w» Mmeasured by the iodine transfer fropKl aqueous solution into heptane. The coefficients
k..w are also shown in Fig.40 and given by

Ky = 7.9 x 107°n0® (43)

The mass transfer coefficief,, o, of LIX84l in Shellsol71 is estimated froky, ., by the use of
the correlation between the mass transfer coefficient and the diffusion coefficient given by Asai et
al>? where the diffusion coefficients are obtained from Sherwood and Pigford

2/3
Krro = Krriger = (DRH,ker/ DI2,hep) kl2,hep

2/3 2/3
_ / DRH,ker DI2,ker

0.6
V D
— k _f 12 CO2,ker k|2’hep (44)
\ DIZ,ker DI2,hep/

'2’“‘*’\ Ve | | Deozne f

WhereV is molar volume at normal boiling point and the subscript, ker, expresses kerosene.
Shellsol71 is regarded as the same as kerosene. In the same way, the mass transfer coefficients,
Kaw» Of Cu” andk,,y, of H" in the aqueous phase are determined as follows.

213
Kaw = ( Deuw /Dizw ) Kiow (49)
213
kH,W = ( Dhw /DIZ,W ) klz,w (46)

The diffusion coefficients of ions are calculated based on the Vinograd-McBain's etitjadioah
the value oD, ,, given by Darrall and Oldhaf#is used.

8.2.3 Copper extraction rate in FISV

Extraction ratesN,, of copper across the flat interface in the FISV were determined from the
change in copper concentration of aqueous phase. Interfacial concentrations were obtained by the
following equations.

Cai :CA,b_NA/kA,w @7
Chi=Cup + 2N Tk 48)
Crui =Crup—2N 4/ Ko 49)

Where suffix i and b express interface and bulk of solutions, respectively. Here, it is assumed
thatCg,,; is independent of the diffusion of complex (GuR the organic phase. Equations(48)
and (49) are derived on the basis of the following extractive reaction.

Cu?* +2RH - CUR,+2H" (50)
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Fig.41 Effects of concentrations of copper, hydrogen ion and LIX84l on extraction rate of copper

Given the interfacial concentrations, the effects of these species on the extraction rate of copper
are shown in Fig.41. The apparent extraction rate of copper by hydroxyoxime was given by
Komasawa et a” as follows:

N, = k,CaCry/ Ci, (51)

The backward extraction rate is neglected in Eg.(51). The extraction rate is generally given by
forward and backward reactions, the backward reaction rate for the present case, however, de-
creases with the increase in pH value and is very small for pH > 2 (Takahashi and Takeuchi
Since the main component of LIX84l is also hydroxyoxime, the extraction rate of copper in the
pre7sent case may be expressed by Eq.(51), and the reaction rate &pisstitermined as 4.26

10" m/s.

8.2.4 Calculation of copper extraction within MS column

We aim to calculate the outlet concentration of coppgy,,, given the inlet concentrations of
copperC,;,, hydrogen ionC,, ;,, extractantCg,, ;,, the aqueous phase flow rat€, the organic
phase flow rateQ, the agitation speed, and the number of stagés,

Schematic diagram for the calculation is shown in Fig.42. A stage is counted from the bottom
toward the top of the column. The value®f,,, which is equal t&, , under the assumption of
complete mixing within the stage, is assumed, and the calculation is carried out stage to stage from
the bottom toward the top of the column. If the calculated vélyg,, is not equal t&, ;,, the
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Fig.42 Diagram for calculation of multi-stage counter-current extraction

calculation is repeated with another assumed val@ gf until C, ¢, = C, ;,, and the valu€, .,
is determined.

For thep-th stageC, .1, Cy; . @andCygy, , are given by the following equations, respectively.

Capr1=Cap+t NapdVy/ Q. (52)
CH,p+1 = CH,p - 2NA,paVM / Qc (53)
Crip = Crup_1— 2N, ,aVy ! Qq (54)

WhereN, ,is the extraction rate iprth stagea is the specific interfacial area in the mixer afd

is the volume of the mixer. Wheg), ,, C,, , andCyy, ,, are knownCyy, , is given by Eq.(54) and

the interfacial concentratior, ,;, C ,; andCgy, ,; are obtained from the same equations as
Eqgs.(47)—(49). By substituting these interfacial concentrations into Eq.(51), the following 2nd or-
der equation oR, , is obtained.

AN;_ +BN,,+C=0 (55)
Where

A=kfk1{(2av"")+ 2 }_ 2

Ac Qd
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Cruo-

B:—kaAp/ 2aV,, L2 \+ RHp-1 —Cy,

k Kac ’

I Qa ) Kkeua)f
C= kaA,pCRH,p—l

wherek, . andk, . are the mass transfer coefficient of copper and hydrogen ion in the continuous

phase, respectively, atg,, , is the mass transfer coefficient of extractant in the dispersed phase.

The value oiN, , is determined from Eq.(55), a@}, ,.,, C,; ., andCyg,, , are determined from
Eqgs.(52)—(54).

8.2.5 Specific interfacial area

The specific interfacial area,(= 6¢/d,,), is determined from the Sauter mean diamelgr,
of the dispersed drops and the holdgpof dispersed phase in the mixer. The valud,pin the
MS column was measured by Takahashi and Tak&Ufdri tributylphosphate (TBP)-heptane-wa-
ter system, and given by Eq.(11). The interfacial tengipmhich appeared in Eq.(11), was mea-
sured for the present system by the drop volume method and shown in Fig.43.

The dispersed phase holdyfl, above the impeller in the MS column differed largely from
¢ below the impelléf. Since agitation above the lifter-turbine impeller is m@dican be ex-
pressed by Eq.(7) in term of the slip velocity,between two phases rising concurrently around
the impeller. By using, measured for TBP-heptane-water sydtérthe ratios of, to the termi-
nal settling velocityy,, are plotted againgt in Fig.44. The value of, is calculated by Egs.(21)

and (22). The value of/v, for TBP free heptane is independengbfnd a simple relation was
obtained.

v =0.21v, (56)

[mN/m}

¥

Cay [mol/m?]

Fig.43 Interfacial tension of LIX84I-heptane-water system
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Fig.44 Ratio of slip velocity to terminal settling velocity for TBP-heptane-water system

On the other handv, for TBP-heptane solution increased with the increage,iand exceeded

unity for large concentrations of TBP. Sing&an not exceed, the increase imgv, might result

from the application of Eq.(11) to TBP-heptane solution. The drop size in the mixer may increase
with the dispersed phase holdup in the same way as in the stirred%e3ée effect of dispersed

phase holdup on the drop size depends on the drop coalescence in the mixer. The coalescence
behavior may vary with the materials consisting two-phase system as well as the existence of mass
transfer between phases (Komasawa and Inghaquation (11) was derived from the experi-
ments with small holdup of dispersed phase, where the coalescence of drops could be neglected.
The actual drop size for TBP solution might be larger than that calculated from Eq.(11) because of
the drop coalescence. If the drop size is estimated corneaitpy be determined from Eq.(56).

For the present extraction system, it is assumed that the coalescence of drop is negligiis, and
determined from Eq.(7) by use of Eq.(56).

The holdupg below the impeller can be determined from the assumption that the dispersed
phase transfers from below to above the impeller by two mechanisms. One is the transfer by mix-
ing due to the difference betweghandg’ and the other is the transfer by carriage of total flow
(Takahashi and Takeuéfl). The value off is calculated by Egs.(5)—(7) givél andQ, by the
use of¢’ determined above. In practical calculatiathg,can be calculated by the trial and error
method with an assumed value@)f where#, is determined witlg™ obtained by use af,,. The
calculation is repeated until the assumed valu@, ebincides with the calculated one. The spe-
cific interfacial area was determined with the average holdup obtainedgfrantg’ by weight-
ing the volumes below and above the impeller.

8.2.6 Mass transfer coefficients within MS column

It was shown by Nii et af that the mass transfer coefficients in the dispersed and the con-
tinuous phases within the MS column can be determined on the basis of mass transfer within and
around a rigid sphere, because the dispersed drop is very small (< 1 mm). The dispersed phase
mass transfer coefficierits,, , for the extractant is calculated by Egs.(16)—(19). The mass trans-
fer coefficientsk, . andk, ., of copper and hydrogen ion in the continuous phase are determined
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from Egs.(21)—(23).

The outlet concentratio@, ,,, from the extraction column for the experimental conditions
was calculated with the extraction rate conskant4.26><10‘7 m/s, and shown as§in Fig.39 with
broken lines. The observed values<adre much smaller than the calculated ones for both extrac-
tant concentration£;,,;, = 1.78 and 8.78 mol/n

8.2.7 Extraction rate with purified extractant

When copper is extracted by LIX65N within the FISV (Takahashi and Tak&lictiie ex-
traction rates with purified extractant differs largely from those with unpurified one. And the be-
havior of the extraction rate with unpurified extractant within the dispersed stirred vessel coin-
cides with that of purified extractant within the FISV. The behavior can be explained thus: the
surface active impurities might affect the extraction rate and the effect might be small for the dis-
persed system because of the low interfacial concentration of the impurities due to the large spe-
cific interfacial area. Since the same effect of the impurities can be expected for the present ex-
tractant LIX84l, the extraction rates are measured with the purified LIX84Il within the FISV. The
extraction rate increases by ca. 4.5 times by the purification of extractant as shown in Fig.45, and
the rate constant is given ky= 1.91 x10° ® m/s for the purified extractant.

By using this rate constant, the outlet concentradig, from the extraction column is calcu-
lated for the experimental condition and shown in Fig.39 with solid lines. The calculated value of
X agrees with the observed values. This indicates that the effect of impurities on the extraction
rate might decrease with the increase in the specific interfacial area for the extractant L1X84l, too.

8.2.8 Simulation for various conditions of extraction column

The values oK calculated for various stage numbers are shown in Fig.46. The values de-
crease exponentially with the increase in the stage number, i.e., the counter-current multi-stage
extraction is useful to remove metal ion from the dilute solution. The valualsbXdecreases
with the increase i€, i.e., the low copper loading ratio to extractant is effective for the copper

300 — T : —

O |Unpurified
& | Purified

[mol/{m3g)]

Ny x 108

CaiCrn#Cuy  [m¥mol]

Fig.45 Comparison between extraction rates with and without purification of extractant
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removal. The effects of both the continuous and the dispersed phase flow pdt@e@hown in
Fig.47. The calculations are carried out for a constant copper loading ratio to the exCagQit,
(2Cx1 Qg = 0.15, i.e.Cqy;, is varied in proportion tQ, for a given set oQ, andC, ;,. WhenQ,

is small,X for smallQ, is smaller than that for largg,, which indicates that the increase ig,(;
under a given loading ratio is more effective for the copper removal than the incrégseTime
value ofX increases with the increaseQp, because the extraction efficiency decreases due to the

1 T T T
01
—
'
—
-4
ool |
Cp, jn = 0.15 mol/im?
pHi, =28 n=1D g1
0, =5010% m¥s
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Fig.46 Calculated Xor various stage number
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Fig.47 Effects of flow rates and extractant concentration on calcutated
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decrease in the residence time with The increase iX with Q. is larger for smalle®, and the
curve forQ, = 10° m*s went over the curves f@, = 4x10°and 1.6x10° m’/s. This resulted
from the fact thaCgy, ;, increases inversely proportional@y under a constant value Gf;,Q./
(2Cx4.inQy). and the mass transfer resistance in the continuous phase increases with the increase in
Cru,in @s described later. In the case of the loading ratio 0.15, copper removal is small@{ large
Then, calculation for variouSg,, ;, are carried out with relatively largg, (Q, = 5x10° m’/s was
about half of the maximum throughput given by Nii et®Aland shown in Fig.47 with lines 4, 5
and 6. The removal of copper is effective at laigg,, and it is more effective with the column
of large stage numbeP (= 10). When the pH of feed solution is high,,p# 4.0, copper is re-
moved effectively with smalC,, ;.. In addition, the decrease rateXinvith Cy,;, is small in the
range of larg&,,, . because the mass transfer resistance in the continuous phase becomes signifi-
cant in this condition.

The extraction rate is expressed as follows by the use of the extraction drivin@foraed
the total resistanc®;, for extraction.

Ny = AC, IRy =k(C, ,Cryy; / Cyy; (57)

When the mass transfer resistance is negligible, the extraction resistance is given by only reaction
resistanceRR, and the interfacial concentrations become equal to the bulk concentrations. Then

N, = AC, / R =K,C,Cpry/ C, (58)

In the same way, the following equations are obtained with the resi®ahée when mass trans-
fer resistance in the dispersed phase is negligibl&ardR, when mass transfer resistance in the
continuous phase is negligible, respectively.

N,=AC,/ R, +R)=KC,Cry/Cy; (59)
No=4C,/ R +Ry)=KLCACryi/Cy (60)
WhereR, andR, are the mass transfer resistance in the continuous phase and the dispersed phase,

respectively. From Egs.(57) - (60), the ratios of individual resistance to the total resistance are
given by

R/ Ry =Cruyi(CaChi—CaiCH)/ (CACLiICRY) (61)
Re/R;=CACx(Cry—Crui)/ (CACCri) ©2)
R/ Ry =CACChrui/ (CACHICru) ©3)

Figure 48 shows the valuesRfR; andR/R; within the top stage. The resistance of copper
transfer within the agueous phase increased with the increasg jp @&d R/R; for pH, = 4.0
reached 0.86 &y, ;, = 100 mol/ni. This indicated that the mass transfer in aqueous phase was
the controlling step for larg€g,, ;,, while the mass transfer resistance in the organic phase de-
creased witlCy,, ;.. For pH, = 2.6, the mass transfer resistance can be considered negligible ex-
cept for the aqueous resistance at l&ige, .

Copper is extracted by LIX84l from the dilute solution with a five-stage mixer-settler extrac-
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Fig.48 Ratio of mass transfer resistance to total resistance foe copper extraction

tion column. The ratiX of the outlet concentration to the inlet concentration of copper decreases
largely with the agitation speedand is 0.002 fon = 10 §* andC, ;,Q/(2Cxy Q) = 0.05. This
indicates that an effective removal of copper is achieved by the extraction with multi-stage extrac-
tion column. The extraction rate of copper by LIX841 measured with a flat interface stirred vessel
varies with and without the purification of extractant. The extraction rate with the purified extrac-
tant is ca. 4.5 times larger than that with the unpurified one. For the simulation of the extraction
within the mixer-settler column, the calculation method taken into account the mass transfer and
the extractive reaction as well as hydrodynamics is proposed. The simulated results agree well
with the observed results when the extraction rate of purified extractant is used. This indicates
that the effect of impurities on the extraction rate may be reduced for the dispersed system, be-
cause the interfacial concentration of surface-active impurities decreases with the increase in the
specific interfacial area. The simulated results suggest that the copper removal is improved by
increasing the stage number. The increase in the extractant concentration under a given copper
loading ratio is more effective for copper removal than the increase in the dispersed phase flow
rate, furthermore the mass transfer resistance within aqueous phase is significant only at large ex-
tractant concentrations.
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