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INTRODUCTION

　　Separation　process　is　a　backbone　of　the　chemical　industry.　For　any

kinds　of　the　chemical　products,　the　cost　of　the　separation　and　purification

reaches　above　50%of　its　total　cost.　There　are　no　products　without　the

needs　for　the　separation　from　the　unreacted　raw　material　and　byproduct.

Many　challenges　have　been　made　for　lowering　the　energy　and　the　cost　of

separation　processes.　As　shown　in　the　example　of　silicon　and　rare　earth

metals,　the　advance　of　the　separation　technique　brings　about　a　highly　pure

materia1,　which　gives　a　strong　impact　to　other　industries.　ln　the

development　of　mineral　and　energy　resouces,　separation　technique　itself

has　been　played　a　main　Part　and　led　to　a　present　success.　ln　future,　the

recovery　of　valuable　resources　which　widely　distributed　at　low

concentration　will　be　important.　As　the　countermeasure　for　the

environmental　problems,　the　need　of　the　separation　of　toxic　compounds

from　highly　dilute　media　will　also　increase.　The　application　area　of

separation　techniques　is　extending　increasingly　and　it　is　necessary　for

developing　sophisticated　separation　Process;　that　will　be　a　¨key¨technique

in　future　advance.

　　For　the　problem　of　separation,　interesting　idea　was　shown　by　the　we11

known　Maxwe11's　¨sorting　demon¨1).　This　demon　has　abilities　of

distinguishing　the　speed　of　the　molecules　and　opening　the　hole　as　their

wi11.　Suppose　that　a　vessel　f111ed　with　a　gas　at　a　constant　temperature

divided　into　two　parts　with　the　partition　having　holes　and　that　the　demons

sit　at　the　every　hole.　The　demons　open　the　hole　only　at　the　time　when　the

high　speed　molecule　comes　at　the　hole,　after　a　while　the　molecules　are

separated　into　high　speed　and　low　speed　ones,　i.e.　high　temperature　gas

and　low　temperature　gas.　0nly　by　such　a　¨demon¨,a　complete　seParation

from　disordered　situation　is　realized.　Practically,　such　a　phenomenon

does　not　proceed　spontaneously　against　the　second　law　of　the

thermodynamics　-　sPontaneous　change　proceeds　to　the　direction　of

increasing　randomness,　and　the　separation　from　the　mixture　needs　an

energy　to　comPensate　the　loss　of　entropy･

　　From　the　view　of　thermodynamics,the　minimum　energy　for

achieving　Perfect　separation　from　a　dilute　solution　at　a　constant

temperature　is　equal　to　the　change　of　free　energy　arose　from　mixing･

　　W=△G　-　TAS　=-Σxμ?7'　M　?7　xj　　　　　　　　　　　　(1)
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where　xi　is　the　mole　fraction　of　the　component　i,　μthe　activity

coefficient.　Since　the　solution　is　dilute,　the　value　of　activity　coefficient,　}1

is　nearly　l.　The　energy　needed　for　separating　l　molar　of　the　component

becomes　-μ7'/zlχj.　Therefore,the　lower　the　concentration　is,　the　more

energy　is　required.　lt　is　needless　to　say　that　the　energy　requirement　for

the　separation　in　practical　situation　will　be　many　times　greater　than　this

minimum　value.

Table　1　Classification　of　separation　techni　ues4･7).

system separation　techniques

gas-gas membrane　separation,　gaseous　diffusion

gas-liquid distillation,　absorption,　evaporation,　Pervaporation,

otation,membrane　distillation,　membrane　absorption

gas-solid adsorption,sublimation

1iquid-liquid extraction,dialysis,electrodialysis,electrophoresis,

everese　osmosis(RO),membrane　extraction

1iquid-solid crystallization,　adsorption(chromatograPhy),

ion-exchange,　centrifugation,　zone-melting,

ltrafiltration(UF)

solid-solid filtration,sedimentation

　　There　are　many　kinds　of　separation　processes　based　on　various

principles　of　the　dim;rence　of　physico-chemical　properties.　These　are　in

size,　weight　and　electric　charge,　and　chemical　affinity.　Many　separation

processes　utilize　immiscible　two-phases.　Table　l　shows　a　classification

of　separation　techniques　based　on　the　phases　which　are　used.　The

techniques　involving　phase　transition　such　as　distillation,　crystallization,

evaporation　and　sublimation　are　the　most　conventional　techniques.　The

most　widely　used　method　is　the　technique　based　on　the　Partitioning　of　the

species　between　the　phases,　which　is　included　in　the　operation　of

absorption,　adsorption　and　extraction.　These　operations　are　defined　as

separation　based　on　equilibrium,　while,the　rePresentative　non-

equilibrium　separation　is　membrane　separation.　lt　is　based　on　the

difference　of　the　permeation　(diffusion)rate　of　the　sPecies　through　the

n‘lenlbrane.

2



　　After　the　success　of　developing　the　reverse　osmosis　membrane　for　the

recovery　of　pure　water　from　seawater　by　Loeb　and　Sourirajan3)in　the
early　1　960s,　the　possibility　of　membrane　separation　has　been　recognized

as　one　of　the　major　separation　techniques.　The　advantages　of　membrane
seParation　are　as　follows:

゜Low　energy　consumption　compared　with　other　processes　including

　phase　transition　(distiHation　and　evaporation,　etc).

゜Continuous　operation.

゜Simple　combination　with　other　seParation　process.

゜High　scalability･

゜Sophistication　of　performance　by　use　of　high　functional　membrane.

゜Unnecessity　of　additives　for　separation.

　　Currently　operated　membrane　processes　are　classified　into　liquid-

solid(UF),1iquid-liquid(RO)and　gas　separation　as　shown　in　Table　1.

Membrane　separation　is　a　growing　technology　which　has　a　potential　for

expanding　range　of　variation.　ln　most　of　the　membrane　separation

processes,　membrane　is　expected　to　act　as　a　¨semipermeable　barrier¨,in

which　only　the　desired　species　Permeate,　and　it　behaves　as　a　barrier　for

other　species.　Essentially,　the　degree　of　separation　in　membrane　process

is　determined　by　a　difference　in　the　Permeation　rate　of　species.

Therefore　the　commercial　successes　in　membrane　process　have　depended

on　the　development　of　the　membrane　materials　and　the　preparation

techniques.　For　membrane-based　gas　separation,　practical　application

was　started　from　hydrogen　recovery　in　ammonia　plant　in　1970s,　and　the

process　was　develoPed　for　C02　and/or　CH4　separation　from　syngas　and

natural　gas　purification,　as　well　known　Monsanto's　¨prism　separator¨8),

then　the　process　was　developed　for　02　or　N2　separation　from　air.

　　The　application　of　membrane　is　not　limited　as　a　semipemleable

barrier.　Another　type　of　application　of　the　membrane　separation　is　in

membrane　distillation4),where　the　membrane　acts　as　a　bound　between　the

high　and　the　low　temperature　liqui(ls.　The　microporous　membrane　used

here　is　also　applied　to　micromtration(MF)or　ultrafiltration(UF).The

pores　are　not　filled　with　the　liquid　and　the　vapor　is　transferred　through

the　membrane　from　the　high　temperature　side　to　the　low　temPerature

side.　Selectivity　is　not　determined　by　the　membrane　itself　but　by　the

vaPor-liquid　equilibrium.　The　merit　of　using　membrane　is　to　attain　large

3



contact　area　per　volume　of　the　contactor.　This　type　of　the　application　is

also　found　in　membrane　absorption6)and　membrane　extraction2).

　　As　contactor　for　membrane　processes,　hollow　fiber(HF)membrane

modules　are　widely　used,　which　have　some　advantages　as　shown　below.

゜Maximum　packing　density　per　volume　of　contactor.

゜XVithout　membrane　spacer

°Low　liquid　now　rate

The　flrst　point　leads　to　a　large　contact　area　between　both　phases then

important　for　the　process　that　a　liquid　nows　on　the　lumen　side　of　the　HF.

For　example,　in　membrane　absorption　Process,　the　reduction　of　the

amount　of　absorbent　brings　about　the　lowering　of　the　energy　for

regeneration　of　the　spent　absorbent.

　　Another　approach　for　the　membrane　separation　has　been　made　from

combination　of　solvent　extraction.　That　is　a　liquid　membrane.

Extraction　processes　include　both　separations　of　the　extraction　step　and

the　back-extraction.lf　the　solvent　is　located　between　the　feed　and

recovery　phases,　the　desired　species　is　transferred　from　the　feed　to

recoverying　solution　in　one　operation　mode,　then　the　solvent　also　acts　as　a

membrane.　Since　the　diffusion　rate　through　the　liquid　membrane　is

higher　than　in　solid　membranes,　a　high　permeation　flux　is　expected;

furthermore,　mobile　carrier　is　easily　available.　There　are　three

configurations　of　liquid　membrane　for　applying　to　separation　processes:

the　bulk　liquid　membrane(BLM),the　supported　liquid　membrane　(SLM)

and　the　emulsion　liquid　membrane(ELM).The　potential　fields　of　liquid

membrane　separation　are　in　metal　ion　recovery,　hydrocarbon　processing,

waste　water　treatment　and　gas　separation5).

　　ln　membrane　extraction,　mobile　carrier　is　sometimes　used　for

attaining　high　selectivity　due　to　the　partitioning.　The　carrier　has　an

affinity　to　desired　species　and　enhances　its　permeation　rate.　For　the

extraction　of　alkali　metal　ions,　it　is　well　known　that　crown-ethers　exhibit

excellent　partitioning.　Crown-ethers　are　representative　macrocyclic

comPounds　synthesized　as　the　model　of　an　ionoPhore　acting　in　the

biomembrane,　which　forms　an　inclusion　complex　with　alkali　metal　ions.

The　important　step　in　the　carrier'mediated　transfer　is　whether　the

dissociation　reaction　of　the　inclusion　complex　proceeds　in　the　receiving

phase　or　not.
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　　Practical　operation　of　liquid　extraction　is　usually　performed　in

countercurrent　multistage　contactors　such　as　mixer'setters.　Aqueous　and

organic　phases　are　repeatedly　mixed　and　separated　in　the　contactor,　and

these　cascade　is　arranged　horizontally.　Thus　the　large　floor　area,　pumps

and　agitators　for　each　stage　are　necessary　for　higher　separation.　lf　the

mixer　and　the　settler　are　stacked　vertically,　the　contactor　behaves　like　an

extraction　column.　Such　a　mixer'settler　column　was　firstly　introduced　by

Treyba19),the　colunln　can　realize　a　large　number　of　stages　and　mixing

with　an　electric　motor　for　stirring　each　stage.　ln　the　column　operation,

the　deterministic　factor　of　the　performance　is　throughput　and　the　number

of　theoretical　stages.

　　The　objectives　of　the　present　thesis　are　to　develop　some　novel
operation　modes　of　the　membrane-based　separation　and　to　clarify　the

mass-transfer　kinetics　which　is　indispensable　for　the　module　design.　The

applicability　is　illustrated　by　the　comparison　with　the　conventional

method.　ln　addition,　as　the　aid　to　establish　the　process　for　liquid

membrane　and　solvent　extraction,　calTier　chemistry　and　the　development

of　a　contactor　are　included.

　　ln　Chapter　1,　a　novel　operation,　¨permabsorption¨,as　a　hybrid

operation　of　the　membrane　permeation　and　gas　absorption　was　proposed.

The　C02　flux　in　alkaline　solution　was　expressed　by　the　mass-transfer

model　based　on　membrane　permation　and　gas　absorption.　The

performance　of　the　membrane　module　was　comparable　to　that　of　a

packed　column.

　　ln　Chapter　2,　the　apPlicability　of　permabsorption　for　selective

removal　of　S02　from　flue　gases　was　investigated.　The　effect　of　operating

condition　on　the　S02　permselectivity　was　examined.

　　ln　Chapter　3,　studies　were　made　on　the　membrane　absorption　of　C02

and/or　S02　using　hydrophobic　microporous　membrane　modules.　A　semi-

empirical　correlation　was　derived　for　the　gas'phase　mass-transfer

coefficient　on　the　shell　side　of　HF　modules.　The　C02　absorption　rate　was

described　by　a　model　based　on　the　gas　diffusion　through　the　membrane

pores　subsequent　to　gas　absorPtion　accompanied　by　chemical　reaction.

The　simultaneous　membrane　absorption　of　S02　and　C02　was　also

examined.

　　ln　Chapter　4,　pervaporation　of　alcohols　from　aqueous　solutions　was

performed　by　sweeping　a　permeate　vapor　with　an　inert　gas　on　the
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downstream　side　of　an　HF　membrane　module.　The　permeation　kinetics

was　illustrated　by　the　solution“diffusion　model　taken　the　vapor-liquid

equilibrium　into　account.

　　ln　Chapter　5,　a　novel　operation　mode　of　a　bulk　liquid　membrane　with

microporous　partition　was　Proposed.　The　bulk　motion　of　the　membrane

liquid　enhances　the　interchannel　mass°transfer.　To　express　the　mass-

tranfer　kinetics,　a　transfer　coefficient　for　the　bulk　motion　of　membrane

liquid　was　introduced　and　then　a　solute　transfer　was　simulated.

　　ln　Chapter　6,　the　effect　of　counterion　on　lithium　extraction　by

1　8-crown-6　as　a　typical　neutral　cyclic　polyether　carrier　was　examined;

the　data　were　interpreted　in　terms　of　Jones-Dole　parameter.

　　ln　Chapter　7,a　multistage　mixer-settler　extraction　column　was

developed,　which　can　achieve　larger　throughput　at　higher　agitation　rate.

Lifter-turbine　impellers　were　mounted　on　a　stirring　shaft　and　coalescers

were　inserted　between　the　mixing　and　settling　parts.　The　effects　of

operating　conditions　on　the　throughput　were　examined,　and　the　superior

performance　was　proved　by　measuring　a　pressure　in　the　column.

　　ln　Chapter　8,　the　stage　efficiency　of　the　column　developed　in　Chapter

7　was　examined.　The　efficiency　increased　monotonously　with　agitation

rate.　The　overall　height　of　a　transfer　unit,　transformed　from　the　stage

efficiency,　was　devided　into　the　heights　of　a　transfer　unit　of　the　dispersed

and　the　continuous　phases,　which　were　correlated　with　the　agitation　rate.
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Chapter　1.

REMOVAL　OF　C02　BY　GAS　ABSORPTION　ACROSS　A

POLYMERIC　MEMBRANE*

INTRODUCTION

　　One　of　main　causes　in　global　warming　is　thought　to　be　C02　increase

in　the　atmosphere　as　a　result　of　human　and　industrial　activities;

identifying　effective　countermeasures　has　become　a　world-wide　problem

most　recently.　ln　the　present　situation,　where　a　proper　countermeasure

cannot　be　found,　it　would　be　more　suitable　to　reduce　the　amount　of　C02

emitted　from　the　combustion　of　fossil　fuels:　de-C02(decarbonization)of

nue　gases.　The　removal　of　C02　might　be　achieved　industrially　by　gas

absorption　processes　employing　alkanolamines　or　carbonates　as

absorbentsjn　the　same　way　as　flue　gas　desulfurization　processes　operate.

　　Typical　flue　gas　from　Power　plants　contains　C02　in　a　concentration

range　of　10-15%.　Thus　the　efficient　C02　removal　by　gas　absorPtion

under　ambient　Pressure　requires　a　source　of　alkalinity　to　neutralize　it.

This　imPlies　that　energy　for　the　regeneration　of　the　absorbent　is

deterministic　in　realization　of　wet　decarbonization　processes,　and

therefore　it　is　advisable　to　operate　an　absorber　and　stripper　at　a　low

circulation　rate　of　the　absorbent　liquid.

ln　conventional　gas-liquid　contactors,　the　high　now　rate　tends　to　increase

not　only　the　overall　mass-transfer　coefficient　but　often　the　contact　area　as

we11.　High　throughput　is　desirable　but　often　limited,　as　in　packed

columns,　because　of　flooding.　The　most　effective　way　to　reduce　the　size

of　the　contactor　is　to　provide　a　very　large　interfacial　area　between　the

Phases.　Hollow　fiber(HF)modules　have　a　large　surface　area　per　volume

advantage,　and　they　have　been　widely　used　in　gas　Permeators　or

separators.

ln　gas　seParation　using　membranes,　the　permeate(downstream)side　must

be　regulated　under　a　reduced　pressure　to　attain　a　concentration　difference

across　the　membrane.　lf　an　absorbent　liquid　flows　on　the　permeate　side,

*This　chapter　is　appeared　in　J.　Chem.　Eng.　Japan,　25,　No.　1　,　67-72(1992)
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then　the　gaseous　species　to　be　Permeated　dissolves　into　the　liquid,

subsequent　to　a　reaction　with　the　absorbent,　whereby　the　largest　driving

force　to　mass　transfer　across　the　membrane　can　be　attained.

ln　addition,a　sparingly　soluble　gas　cannot　permeate　through　the

membrane　even　though　it　has　high　permeability.　Then　we　can　expect　that

such　hybrid-operation　mode　of　gas　permeation　and　gas　absorption　with　a

chemica1　reaction　makes　it　possible　to　separate　a　desired　gas　from　a

gaseous　mixture　with　excellent　selectivity.　Thus　we　call　this　process

¨permabsorption¨.

　　This　view　will　be　demonstrated　in　the　present　study　with　the　object　of
confirming　its　applicability　to　the　C02　removal　from　flue　gases　at

moderate　temperature.

I　THEORY

　Figure　l.1　shows　plausible　concentration　promes　of　a　permeant,　A,

for　a　polymeric　membrane　situated　between　gas　and　liquid　nows.　The

rate　of　permeation　of　A,　X4,　across　the　membrane　at　a　steady　state　can　be

expressed　as
　　　　　　　　　　　　--

　　M4=£GφÅ-M7j=μΓGI　-　G2j　=4rG2-Gj

=r/)Å/aφÅ7-M2j=£(7φA-M*j (1.1)

where£G　and　4　are　the　mass-transfer　coefficients　for　the　gas　and　liquid

boundary　films,　respectively,　4　the　membrane'transfer　coemcient,μÅ
　　　　　　　　　　　　　　　　　　　　　　―

the　partial　pressure　of　A　in　the　gas　phase,　and　CAthe　concentration　of　A

in　the　membrane　Phase.　The　subscripts　l　and　2　represent　each　membrane

surface　contacting　with　gas　and　liquid　flows,　respectively.　/)Ais　the

permeability　of　the　membrane　and　δis　the　membrane　thickness.　μÅ2isa

8

hypothetical　partial　pressure　in　equilibrium　with　C/12　as　well　as　CA2.　The

partial　pressure　of　A　in　equilibrium　with　the　liquid　concentration　is　given

in　terms　of　the　Henry's　constant

　　　M*=μC4　　　　　　　　　　　　　　　　　　　　　　　　　　　　　　(1.2)

　　From　the　additive　rule　for　mass-transfer　resistances,　an　overa11

permeation　coefficient　based　on　the　gas　phase,　£G,　in　Eq.(1)can　be　given

aS:

　　　7/A7G=7/£G+δ//)4+μ/4　　　　　　　　　　　　　　　　(1.3)

The　value　of£G　can　be　evaluated　from　the　individual　film　coemcient.

　　NVe　here　consider　the　permabsorption　of　C02　by　use　of　a　multiple　HFs

module,　where　gas　and　liquid　flows　are　on　the　shell　and　lumen　sides,



9as
boundary　memb.

film

liquid

boundary

film

Fig.1.1　Schematic　concentration　profiles　in　gas,　membrane,　and　liquid

Phases　for　permabsorption　of　species　A.

Table　1.1　Gas　permeability　of　PDMS-HF　membrane　at　298K.

Permeability[cm3(STP)･cm/

　　　　　　(cm2･s･cmHg)]

Literature　value　9)

0
　
　
2
　
2

C
　
O
　
N

2.27　×　10'7

3.49　×　10　`8

　　-

3.24　×　10'7

6.05　×　10‾8

3.00　×　10‾8
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respectively.　According　to　Takeuchi　Ez�13),the　following　equation　can

be　applied　to　the　prediction　of　the　mass'transfer　coefficient　for　laminar

flow　on　the　shell　side.

　　　n=θ.&μ4/jOθ.4jμε/£μ2j&μ/J　Sc7/j　　　　　　　　　(1.4)
where　js　is　the　inside　diameter　of　the　sheH　tube,　jw　wetted　perimeter,　jE

the　hydraulic　equivalent　diameter　as　the　characteristic　length　of　the　HF

module,　and　l　the　HF　length.

　　For　laminar　flow　inside　solid　tube,　the　mass-transfer　coefficient　can

be　expressed　by　the　Leveque　solution8)

　　　&,4/£)Å=7.62μ4/£j&Jcμ/J　　　　　　　　　　　　　(1.5)
whereφis　the　inside　diameter　of　the　HF,　and　Z)Ais　the　diffusion

coemcient　of　C02　in　the　liquid　phase.

　　NVhen　an　aqueous　solution　of　NaOH　is　used　as　the　absorbent　liquid,

C02　reacts　with　hydroxyl　ion　within　the　liquid　film　as　follows:

　　　　C02+OH'　･4　HC03'　　　　　　　　　　　　　　　　　　　　(1.6)

　　　HC03'+OH'　S°　C032'　　　　　　　　　　　　　　　　　　　　(1.7)

where　reaction(1.6)is　of　second　order　in　the　forward　direction.

Reaction(1.7)is　much　faster　than　reaction(1.6);　therefore,the

carbonization　reaction　is　of　no　significance　in　determining　the　rate　of

C02　transfer.　The　permeation　rate　is　given　by

　　　M4=β4G2　　　　　　　　　　　　　　(1.8)
provided　that　the　C02　concentration　in　the　liquid　bulk,　Q,　is　negligible:

μÅ*=O.　ln　Eq.(1.8),βis　the　enhancement　factor　due　to　the　chemical
reaction,　which　can　be　evaluated　from　the　classical　solution　of　gas

absorptionacconlPanied　by　a　s9cond'order　chemical　reaction;7)

　_　y　1-(β-1)/9
β‾an　y　1　-　(β-1)/r9

(1.9)

where　r　=£)s/£)Å,･7=Qθ/rycA2j,and　y=4‾GjW/μ£.£)J　is　the
diffusion　coefficient　of　OH'in　the　liquid　phase,　Cz?θ　the　OH'

concentration　in　the　liquid　bulk,　and　£the　rate　constant　for　reaction(6).

lf　there　is　a　reaction　between　the　dissolved　gas　and　a　reactant　in　the

liquid,　the　££is　substituted　to　β4,;whereβis　the　enhencement　factor.

At　high　NaOH　concentration,　βapproaches　y　and　Eq.(3)reduces　to
　　　7/£G=δ//)Å+μ/VF6j5W　　　　　　　　　　　　　　(1.10)
where　the　gas　mm　resistance　is　αμμθΓf　negligible　compared　with　the

membrane　resistance.　Then　it　can　be　expected　that　the　variation　of　M4
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with　the　liquid　flow　rate　is　of　no　significance,　and　this　condition　can　be

used　to　determine　the　permeability　for　C02.

2　EXPERIMENTAL

　　Polydimethylsiloxane(PDMS)is　a　material　of　special　interest　for　gas

separation　because　it　has　a　very　high　gas　permeability　value　compared

with　other　polymers.　PDMS-HF　membranes　used　in　this　study　were

supplied　from　Nagayanagi　Co.　Ltd･,　having　an　inside　diameter　of　200μm

and　a　wall　thickness　of　60μm.　Membrane　module　consisted　of　one

hundred　HFs,　which　were　fixed　with　epoxy　resin　at　the　both　ends　of　a

tenon　tube　(1.7cm　l.D.　and　30cm　long).

　　A　schematic　diagram　of　the　experimental　apparatus　is　shown　in

Fig.1.2.　The　completed　module　was　installed　vertically　in　a　constant-

temperature　air　bath　whose　temperature　ranged　from　298K　to　338K.　Gas

mixture　of　C02　and　N2　supplied　from　respective　cylinders　was

introduced　on　the　shell　side　at　the　top　of　the　module,　through　a　preheater.

An　aqueous　solution　of　NaOH　or　K2C03　was　supplied　on　the　lumen　side

at　the　bottom　of　the　module　via　a　peristaltic　pump　from　a　reservoir　in　a

constant-temPerature　water　bath.

　　The　concentration　of　C02　in　the　gas　phase　was　determined　for　the

innuent　and　effluent　streams　from　the　moduleon　aninfrared　gas　analyzer

(Fuji　Electric　Co.　Ltd.　ZFU-IDM23).　The　liquid　concentration　of
aqueous　solution　was　determined　by　titration;　the　mass　balance　of　C02

between　the　two　streams　was　then　checked.　The　permeation　rate　across

the　membrane　was　calculated　in　terms　of　concentration　difference　in　the

gas　phase.　ln　all　experimental　mns,　the　temperatures　of　both　phases　was

measured　with　themlocouPles　mounted　at　the　top　and　the　bottom　of　the

module.

　　To　obtain　the　gas　permeability　of　the　HF　membrane　used　in　this　study,

a　permabsorPtion　test　was　conducted　for　pure　carbon　dioxide　and　oxygen

using　a　single　PDMS-HF　module,　whereby　aqueous　solution　of　1M　NaOH

or　pyrogallol　as　the　absorbent　for　C02　or　02,　resPectively,　was　supplied

on　the　lumen　side　of　the　HF.　After　having　reached　a　steady　state,　the

amount　of　gas　permeated　through　the　membrane　was　determined

volumetrically　using　a　soap‘film　meter.
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I　FLOWCONTROLVALVE

2　FLOW　METER

3　GAS　MIXER

4　PREHEATER

5　CONST.TEMP.AIR　BATH

6　MODULE

7　VALVE

8　ANALYZER

9　RECORDER

10　THERMO　CONTROLLED　BATH

11　RESERVOIR

12　PERISTALTIC　PUMP

13　MEASUREING　CYLINDER

TC　THERMOCOUPLE

Fig.1.2　Schematic　diagram　of　exPerimental　aPParatus.
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3　RESULTS　AND　DISCUSSION

3.1　Gas　permeability

　　The　permeability　of　the　PDMS-HF　membrane　for　C02　and　02　was

calculated　from

　　　/)Å=y　r27J/ηδ/μzMj　　　　　　　　　　　　　　(1.11)

where　y　is　the　volume　of　gas　permeated　through　the　membrane,　r　the

temperature,Athe　membrane　area　and　r　the　contact　time.

　　The　permeabilities　of　PDMS　membrane　obtained　for　C02　and　02　are

shown　in　Table　l.1,　where　the　diffusional　resistance　through　the　liquid

boundary　film　was　neglected.　ln　the　case　of　the　C02　permabsorption,　the

value　ofμ/VFGμE4‘　in　Eq.(1.10)is　3.3×102,whereas　the　value　of
7/£G　is　2.64×104;　therefore　7/£GΞδ//)Å.　There　is　no　available　data　on

£for　the　reaction　of　02　with　pyrogallol;　it　is　considered　that　the　ratio　of

the　liquid　phase　resistance　to　the　total　resistance　is　within　a　few　percent.

The　present　results　are　comparable　to　literature　values9)obtained　in

conventional　gas　permeators　under　reduced　pressure　on　the　pemleate

side Such　a　reasonable　agreement　leads　to　the　expectation　that

Permabsorption　is　applicable　to　the　measurement　of　gas　permeability　of

homogeneous　HF　membranes　in　a　simple'operation　mode.

　　For　the　recovery　of　C02　from　exhaust　gas,　especially　from

combustion　gas,　the　selectivity　of　C02　to　N2　as　the　major　component　is
crucial.　ln　the　present　permabsorption　experiments　with　pure　gases,　no

appreciable　permeation　of　N2　through　the　membrane　was　observed.　This

implies　that　the　permselectivity　of　C02　to　N2　is　extremely　high.

Therefore,　permabsorPtion　using　PDMS　membrane　has　great　potentia1

for　selective　recovery　of　C02　from　nue　gases.

3.2　Effect　of　NaOH　concentration　on　overall　permeation

coefficient

　　ln　the　permabsorption　of　C02　by　using　alkaline　solution,　it　is

expected　that　the　concentration　of　NaOH　in　the　absorbent　liquid,　Cjθfalls

remarkably　owing　to　sma11　1iquid　now　rate,　and　its　decrease　results　in

smaller　values　of£G.　Figure　1.3　shows　the　effect　of　liquid　velocity,

£4£,inside　the　HF　on　the　aPparent　value　of£G　on　the　assumPtion　that

μÅ*=θ.ForCg=1mol/dm3,　the　value　of£G　was　independent　oh･1,

being　close　to　the　dashed　line,　which　was　calculated　on　the　assulTIPtion

that　only　membrane　resistance　controls　the　Permeation　rate　for　C02,　as
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discussed　in　the　above　section.　However,　the　£G　values　for　aqueous

solutions　having　smaller　Cβθdecreased　drastically　with　14£.lt　is　to　be

noted　that　the　NaOH　in　the　liquid　through　the　HF　tube　was　depleted　by　the

reaction　with　C02　for　smaller　values　of　Cz?θand　14£.This　leads　to

lowering　ofβgiven　by　Eq,(1.9).　Furthermore,　when　considering　the
depletion　of　NaOH,　the　back　pressure,　μA*,in　the　liquid　bulk　would　be

appreciable;　thus,　the　value　of£G　can　be　regarded　as　apparent.

　　The　results　for　1M　K2C03　solution　are　also　shown　in　Fig.1.3.　The

value　of£G　is　smaller　than　that　for　1M　NaOH　because　of　the　diffusional

resistance*through　the　liquid　boundary　layer　due　to　the　low　alkalinity,

i.e.the　smaller　value　ofβ.
The　permeation　rates　of　C02,　M4,　0btained　for　various　concentrations　of

NaOH　are　compared　with　the　theoretical　values　in　Fig.1.4,　where　the

value　of　M4　is　plotted　against　μcθ2　together　with　the　calculated　line.　The

observed　values　for　1M　NaOH　locate　on　the　dashed　line　that　was　obtained

on　the　assumption　that　the　permeation　rate　is　controlled　solely　by　the

membrane　resistance,　as　mentioned　above.

　　The　calculation　of　permabsorption　rate　in　the　second-order　reaction

regime　was　made　as　follows.　Since　the　diffusional　resistance　through　the

gas　boundary　film　is　negligible,　(£G=2.5×10-2cm3(STP)/(cm2･s･cmHg)

foN4G=15.2cm/s　from　Eq.(1.4)),pA7=/M.　Assuming　an

aPpropriate　value　ofM4　in　Eq.(1.1),we　can　obtainμÅ2　and　then　CA2　is

determined　from　Eq.(1.2)11).The　value　ofM4　calculated　from　Eqs.(1.8)

and(1.9)along　with　the　CA2　value　is　compared　with　the　assumed　value.

This

procedure　is　repeated　until　giving　the　tolerance　within　an　allowable

error.　　For　permabsorption　by　water,　on　the　other　hand,　the　C02

concentration　in　the　liquid　bulk　was　taken　into　account.

　　The　results　thus　obtained(solid　lines)are　in　good　agreement　with　the
observed　values,as　can　be　seen　in　Fig.1.4.　　1n　conclusion,the

permabsorption　process　using　the　HF　membrane　can　be　interpreted　by　a

simple　model　based　on　the　membrane　pemleation　with　gas　absorption.

　*)The　mass　transfer　resistance　of　each　phase　is　as　follows:　7/£G=40,

δ/7)Å=2.66×104,andμ/Γβ4j=3.87×103
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3.3　Permabsorption　of　C02　by　use　of　carbonate　solutions

　　ln　acid　gas　treating,　aqueous　solutions　of　various　alkanolamines　and

carbonates　have　been　used　extensively　for　the　removal　of　C026).Though

having　exceHent　capability　of　C02　removal,　the　amine　solution　requires　a

large　amount　of　energy　for　the　regeneration　of　the　rich　solution,　in

contrast　to　carbonate　solution.　ln　the　case　of　flue　gas　decarbonization,　it

may　be　sufficient　to　remove　about　70%of　the　C02　because　it　is　non-

toxic;　thus,　alkali-carbonate　solution　is　preferable　to　alkanolamines.　The

absorption　of　C02　in　carbonate　solutions　has　been　examined

extensively,2･3･4･12)and　the　chemistry　of　the　process　is　well　understood.

As　discussed　in　the　above　section,　when　C02　permeates　across　the

membrane　into　carbonate　solution,　carbonate　ion　is　Partially　converted　to

bicarbonate,　and　the　overall　chemica1　reaction　is　expressed　as:

　　　C032“+C02+H20　S°　2HC03'　　　　　　　　　　　　　　　(1.12)

ln　reaction(1.12),the　rate'controlling　step　is　the　elementary

reaction(1.6);the　hydroxyl　ion　concentration　can　then　be　detemlined　in

terms　of　equilibrium　constant,　£

　　　[OH']=£[C032-]/[HC03']　　　　　　　　　　　　　　　　　(1.13)

for　which　the　equilibrium　data　are　available　elsewhere.3)

　　The　effect　of　the　concentration　ratio　of　carbonate　to　bicarbonate　ions

in　the　emuent　liquid　on　the　permeation　rate　of　C02　is　shown　in　Fig.1.5,

together　with　calculated　lines　from　Eq.(1.1)on　the　basis　of　a　film-theory

model　presented　by　Astarita　and　Savage1);in　addition,　the　equilibrium

partial　pressure　of　C02　was　estimated　from5)

　　　μÅ*=μ/7/£/j　z77　×2　/μ-xj　　　　　　　　　　　　　　　　(1.14)

where£/is　the　equilibrium　constant　for　reaction(1.12),zηthe　molarity　of

the　carbonate　solution,　mol/cm3,and　x　the　fractional　conversion　of

carbonate　to　bicarbonate　([HC03-]/[KI).

　　The　reasonable　agreement　between　the　theoretical　values　and　the

observations　in　Fig.1.5　suggests　that　reaction(1.12)in　the　liquid　boundary

film　takes　place　under　fast　reaction　conditions.　However,　when　the

carbonate-to-bicarbonate　ratio　is　less　than　1,　the　permeation　rate

decreases　significantly,　even　for　2M　K2C03.　Such　behavior　was　due　to

the　higher　back-pressure　resulting　from　the　increase　of　bicarbonate　in　the

liquid.　ln　a　practical　view　of　flue　gas　decarbonization,　this　result　leads　to

a　conclusion　that　the　absorbent　liquid　must　be　regenerated　at　a　carbonate

conversion　of　O.33　under　the　present　conditions.
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3.4　Effect　of　temperature　on　overall　permeation　coefficient

　　For　flue　gas　decarbonization,　we　are　considering　that　removing　C02

from　the　gas　after　desulfurizing　by　gas　absorption　(wet　desulfurization)is

really　advantageous;　thus　the　process　must　have　a　suitable　transport

emciency　at　moderate　temperature.　lt　is　well　known　that　polymeric

membranes　have　larger　gas　permeability　at　higher　temperature.　PDMS　is

especially　characteristic　of　heat-resistance　at　temperature　below　423K.

　　We　here　examined　the　performance　of　a　permabsorption　device　over

the　temperature　range　298K　to　328K.　The　overall　coeffTicients　for　O.5M

NaOH　are　plotted　in　Fig.1.6　against　the　reciprocal　temperature.　The

result　shows　a　constant　value　independent　of　the　temperature,

corresponding　to　the　membrane　diffusion'controlling　at　298K.(see

Fig.1.3).This　may　be　due　to　the　trade-off　of　diffusivity　and　solubility　in

PDMS　with　temperature　rise.

3.5　Comparison　of　permabsorption　and　gas　absorption　for　C02

removal

　　From　a　practical　viewPoint　of　gas　treating,　an　imPortant　point　is　to

show　how　permabsorPtion　by　use　of　the　HF　module　is　advantageous　in　the

removal　of　C02　comPared　with　gas　absorption.　We　here　compared　the

perfonTlanceof　a　PDMS-HFs　module　with　that　of　a　packed　column10)asa

representative　conventional　absorber.

　　Table　l.2　summarizes　the　results　together　with　the　design　and

operating　parameters.　The　comparison　was　made　between　module　and

column　of　equal　volume,　where　the　module　was　composed　of　15,000

PDMS-HFs　packed　in　triangular　arrangement　with　a　pitch　width　of

O.78mm.　The　hollow　fibers　are　the　same　as　those　used　in　this　study.　As

Table　1.2　shows,　an　advantage　of　permabsorption　is　observed　in　liquid

flow　rate:　the　required　rate　is　smaller　than　that　for　the　packed　column　by

one　order　of　magnitude.　This　is　due　to　the　large　interfacial　area　in　the

hollow　fiber　module.　lt　is　to　be　noted　that　the　lower　liquid　flow　rate

makes　it　possible　to　reduce　the　energy　needed　for　solution　circulation

through　the　regenerator　as　well　as　for　the　heat　of　regeneration　of　the　rich

solution.　Unfortunately,　the　value　of£G　in　the　permabsorption　process

is　lower　than　that　in　the　packed　column　operation　owing　to　the　polymeric

membrane　itself;　however,　higher　performance　can　be　realized　by　use　of

PDMS-HFs　of　lesser　thickness.Furthermore,the　membrane　module　is
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Table　1.2　ComParison　of　Performance　of　PDMS-HF　membrane　module

and　Packed　column.

PDMS-HFs

membrane

module

Packed　column　10)

Column　diameter　[cm]

　Packing

　　E[-]

Gas　velocity　[g/(cm　2･s)]

Liquid　velocity　[g/(cmZs)]

　　e£[cm3　/s]

　　α[cm'1]

£G[c°3(STP)/(cm2･s･cmHg)]

X'G“[c°3(STP)/(cm3･s･cmHg)]

　　10

15000　PDMS-HF

　　　0.97

　　　0.192

　　　1.0

　　　4.71

　　20

　　3.80　×　10　'5

　　7.60×104

　　　10

12mm　Raschig　Ring

　　　　0.72

　　　　0.025

　　　　0.278

　　　21.8

　　　　1.20

　　　6.80　×　10゛4

　　　8.19　×　10　`4
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free　from　flooding,　unlike　the　direct　contacting　between　gas　and　liquid

phases　in　packed　columns;　therefore,　the　permabsorption　process　is

suitable　for　treating　a　large　amount　of　acid　gases,　including　nue　gas　and

gas　from　coal　gasification.

CONCLUSIONS

　　ln　this　article　we　have　proposed　a　hybrid　operation　mode　of　gas

pemleation　across　a　non-porous　membrane　and　gas　absorption,　which　is

termed　permabsorption.　The　applicability　of　polydimethylsiloxane

hollow-fiber　membrane　was　examined　for　the　removal　of　C02　from　gas

mixture　of　N2　and　C02,　the　following　conclusions　were　obtained.

　　Permeability　of　the　membrane　for　pure　gases　was　obtained　by　means

of　permabsorPtion　in　a　simple　device.

　　Excellent　permselectivity　can　be　attained　by　selecting　an　absorbent

liquid　suitable　for　gaseous　species.

　　ln　the　Permabsorption　of　C02　using　alkaline　solutions,　the　rate　of

mass　transfer　across　the　membrane　can　be　exPressed　by　a　model　based　on

membrane　permeation　with　gas　absorption　accompanied　by　chemica1

reaction;　the　permeation　rate　was　controlled　mainly　by　the　diffusional

resistance　in　the　membrane.

　　ln　practical　situationsof　C02　removal　from　nue　gas,　the　perfornlance

of　the　multiple-fiber　membrane　module　was　comPared　with　that　of　a

packed　column.　lt　was　found　that　the　liquid　flow　rate　required　to　achieve

a　desired　removal　of　C02　is　remarkably　low.　ln　addition,　the

permabsorption　method　has　the　advantage　of　operability　at　high　gas'flow

rate　because　of　the　indirect　contact　between　gas　and　liquid　flows.

NOMENCLATURE

Å
α
C
J
D
4

contact　area

interfacial　area　per　unit　volume　of　contactor

concentration

concentration　in　the　membrane

diffusion　coefficient

hydraulic　equivalent　diameter
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[cm2]

[cm-1]

[mo1/cm3]

[mo1/cm3]

[cm2/s]

[cm]



φ
4
4
∬
£
4

　
　
　
G
　
S
　
£

£
　
£
　
£
　
£

M4

D
j
μ
θ
‘
!
7
t

gas　permeability

partial　pressure

volumetric　flow　rate

contact　time

temperature

1iquid　velocity　per　unit　cross　sectional　area　of

lumen　of　HF

y　　volume　of　gas　pemleated　through　the　membrane

&&cΓφa
Å
β
7
2

reactant　in　the　gas　phase　(permeant)

reactant　in　the　liquid　phase

membrane　surface　contacting　with　gas

membrane　surface　contacting　with　liquid

GΓεEh

β　　menhancement　factor
δ　　membrane　thickness

E　　　　voidage

y　　stoichiometric　coefficient

coefficient

reaction　rate　constant

gas　film　mass-transfer　coefficient

inside　diameter　of　hollow　fiber

inside　diameter　of　shell　tube

wetted　perimeter

Henry's　constant

equilibrium　constant　for　reaction(1.12)

overall　permeation　coefficient　or　mass-transfer

[cm]

[cm]

[cm]

[cmHg･cm3/mol]

[-]

[cm3(STP)/(cm2･s･cmHg)]

or[mol/(cm2･s.kPa)]

　　　　　[cm3/mol･s]

[cm3(STP)/(cm2･s･△p)]

mass-transfer　coefficient　in　the　membrane　phase

liquid　film　mass-transfer　coefficient

flux　of　component　A

[cm/s]

[cm/s]

[mol/(cm2･s)]

or[cm3(STP)/(cm2･s)]

[c�(STP)cm/(cm2･s･cmHg)]

　　　　　　[kPa]or[cmHg]

　　　　　　[cm3/s]

　
1

j
K
r
‐
L
E

[cm/s]

[cm3]

[-]

[cm]

[-]

[-]

22



REFERENCES

1)Astarita.G,and　Savage,　D.W.:C/,ε｡.£,lg.Sd.,35,N0.3,649(1980).

2)Danckwerts,　P.　V.:″Gα∫-£4㎡d&?αc&'M″,　MCGraw-Hi1I　lnc･,　New　York,　NY

　　(1970).

3)Danckwerts,P.　V.and　Sharma,　M.M.:nEC/zaz.£㎎.,CE244-CE280,0ctober

　　(1966).

4)Hikita,H,Asai,S.　and　Takatsuka,　T.:　Chem.　Eng.　J･,　11,131(1976).

5)Joshi,S.V,Astarita　G.　and　Savage,D.W.:A/C/z£&gμ.S�a　77,　202,63(1981).

6)Kohl,A.　L,　and　Riesenfeld,　F.　C.:″Gα∫/)££ΓφcαΓj㎝″,4th　ed･,Gulf　Publishing

　　Co.,Houston,TX(1985).

7)van　Krevelen　D.　W,　and　Hoftyzer,　P.　J.:　&･c.　7yαv.　C/･S.,67,563,587(1948).

8)Leveque,M.A.:An.Mjg,y　7?Ec.MEg.17E々/･9a,y.MMa　13,　201(1928).

9)　Nakagawa,　T:″&μ�MJ24″,　p96,　Sangyo-Tosho,　Tokyo　(1987).

10)Onda,K,Sada,E.　and　Takeuchi,　H.:　j.　C/･az.£9.j9n,1,62(1968).

11)Onda,K,Sada,E.　Kobayashi,　T.　and　Kito,　S.:　j.　C/･az.£9.j9n,3,18(1970).

12)Savage,　D.　W.:?a`EM£)a'ε/9z?lazr&S9αΓαziθz2　Sdazayθ/.7'″,　p73,

　　CRC　Press　(1982).

13)Takeuchi,H･,Takahashi,K.　and　Nakano,　M.:/�.£9.　C/za7.&･,y･,29,1471

　　(1990).

23



Chapter　2.

SELECTIVE　REMOVAL　OF　S02　VVITH　RESPECT　TO　C02

FROM　FLUE　GAS　STREAM　BY　PERMABSORPTION

METHOD*

INTRODUCTION

　　ln　the　previous　chapter,　the　possibility　of　C02　permabsorption　was

clarified　for　flue　gases　after　desuphurization　process.　The　present

chapter　is　focused　on　examining　the　applicability　of　the　permabsorption

method　for　the　selective　removal　of　S02　from　nue　gases　after　scrubbing,

which　contains　C02　as　well　as　S02.

　　Some　conventional　wet　desulphurization　processses　are　operated　by

using　slurries　as　the　absorbent.　ln　permabsorptionjt　is　dimcult　to　apply

slurry　absorbents　because　of　the　problem　of　HF　clogging.　Thus　aqueous

soution　of　sodium　sulphite　was　selected　as　the　absorbent　.　The　effect　of

operating　conditions　on　the　selectivity　were　investigated　by　using　the

same　membrane　modules　in　the　Previous　chapter.

1　THEORETICAL　BASIS　FOR　EXPERIMENTAL　MEASUREMENTS

　　ln　the　permabsorption　process　using　an　HF　module,　gas　and　liquid

flows　were　on　the　shell　and　lumen　sides　of　the　HF,　respectively.　ln　the

case　of　supplying　a　reactive　absorption　liquid.　The　flux　of　A　across　the

membrane　can　be　expressed　as

ヽ//1=£GCM?Å7j=㈹'GI-G2j=/EkrG2-Gj
　=r/)Å/1φÅ7-M2j=£GφÅ?Å*j (2.1)

where£G　and　4　are　the　mass-transfer　coemcients　for　the　gas　and　liquid

films　respectively,　£μhe　membrane　transfer　coemcient,　M　the　Partial
　　　　　　　　　　　　　　　　　　―

pressure　of　A　in　the　gas　phase,　and　CAthe　concentration　of　A　in　the

membrane　phase.　The　subscripts　l　and　2　represent　each　membrane

surface　in　contact　with　the　gas　and　liquid　flows,　resPectively.　/)4　is　the

membrane　permeability　of　A,　δbeing　the　membrane　thickness.　μÅ2isa

*Articles　related　to　this　chapter　are　appeared　inTrans.　IChemE,　Part　B　Proc.　S　afety　and

　Env.Prot.,72,No.B2(1994).
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hypothetical　partial　pressure　in　equilibrium　with　C42　as　well　as　CA2　The

partial　pressure　of　A　in　equilibrium　with　the　concentration　in　the　liquid

phase　is　given　by　Henry's　law.

　　The　overall　mass-transfer　coemcient,　£G,　based　on　the　gas　phase　is

glven　as

7/£G=7/£G+δ//)Å+μ/β4

　　　=7/λΓ+μ/β4

(2.2)

(2.2')

where　7/£is　the　combined　resistance　of　the　gas-film　and　membrane.

The　permeability　of　the　membrane　for　the　permeant　can　be　observed　as

shown　in　the　previous　Chapter.

　　For　simultaneous　absorPtion　of　S02　and　C02　in　aqueous　Na2S03

solution,　the　following　reactions　are　likely　to　be　significant:

S02+S032'+H20　4;　2HS03゛

C02+S032'+H20　4°　HS03'+HC03'

S02+HC03'　4°　HS03'+C02

(2.3)

(2.4)

(2.5)
where　the　valuesl)of　equilibrium　constants　KI,　K2,　and　K3　of

Reactions(2.3),(2.4),and(2.5)are　2.76×　1　05,　7.12,and　3.08×104　in

infinite　dilution　at　298K,　resPectively.　Reaction(2.3)proceeds　much

faster　than　the　others:　the　reaction　rate　constant,　μ,for　Reaction(2.3)is

of　the　order　of　105　m3/(mol･s),being　widely　defferent　from　that　for

Reaction(1.4)(2.39×10'2m3/(mol･s))1).ln　the　simultaneous

permabsorption　process,　S02　dissolved　in　the　liquid　reacts　instantaneously

with　a　sulphite　ion,　and　then　dePletes　in　the　liquid　boundary　film,

provided　that　CB>CA2.　The　enhancement　factor　for　S02　is　calculated

from　the　solution　based　on　the　film　theory　in　the　instantaneous

irreversible　reaction　regime:

β=7+n7 (2.6)
where　the　diffusivity　ratio,　r,　was　assumed　to　be　O.566).For　C02,　0n　the

other　hand,the　contribution　of　the　enhancement　factor　due　to

Reaction(2.4)is　of　no　significance　as　compared　with　the　S02　absorption.

2　EXPERINIENTAL

　　The　membrane　and　membrane　module　is　the　same　as　in　Chapter　1.

Details　of　membrane　and　membrane　modules　are　shown　in　the　section

1.2.　and　Table　1.1.　A　schematic　diagram　of　the　experimental　apparatus　is

shown　in　Fig.2.1　The　comPleted　module　was　installed　vertically.　A　gas

mixture　consisting　of　N2,　C02　and/or　S02　was　introduced　on　the　she11

25



vent

l　flow　controller

2　9as　mixer

3　HF　module

4　three-way　cock

5　analyzer

lean　solution

6

7

8

9

recorder

reservolr

pump

measurin9　cylinder

Fig.2.1　Schematic　diagram　of　experimental　apParatus.

Table　2.1　Gas　permeability　of　PDMS-HF　membrane　at　299K.

Gas

-

C02

02

S02

N2

Permeability[mol/(cm･s.Pa)]

Observed

l.35　×　10-8

2.07　×　10'9

5.82　×　10'8

non　detect.

*Hwang　et　al.2),**Stem　et　al.5)
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side　at　the　top　of　the　module.　An　aqueous　solution　of　NaOH,　K2C03,　0｢

Na2S03　was　supPlied　from　a　reservoir　on　the　lumen　side　at　the　bottom　of

the　module　via　a　Peristaltic　Pump.　After　having　reached　a　steady-state,

concentrations　of　C02　and　of　S02　in　the　gas　phase　were　determined　for

the　innuent　and　effluent　streams　from　the　module　using　each　infrared　gas

analyzer.　The　transport　rate　of　A　across　the　membrane,　jA,was

calculated　in　terms　of　the　concentration　difference　in　the　gas　phase　at　the

top　and　bottom　of　the　module.　ln　all　the　experimenta1　runs,　the

temperature　was　kept　at　299!1K,　and　the　total　pressure　at　that　of　the

atmosphere

2.3　RESULTS　AND　DISCUSSION

2.3.1　Gas　permeability　of　PDMS-HF　membrane

　　The　permeabilities　of　the　PDMS-HF　membrane　for　C02　and　02　were

examined　in　the　previous　paper.　For　S02,　the　pemleability　was

determined　from　the　sloPe　on　a　plot　of　jsθ2　versus　the　partial

pressure(see　Fig.2.2)under　conditions　allowing　the　permeation　to　be　in

membrane　controlling　mode,　i.e.　7/A7G=j/Kin　Eq.(2.2').

　　The　results　obtained　for　C023),S02　and　023)are　given　in　Table　2.1;

these　values　are　conlparable　to　literature　values2･5)obtained　by　reducing

pressure　on　the　permeate　side　in　conventional　gas　permeators.　Such

agreement　leads　to　the　expectation　that　the　present　permabsorption

method　is　suitable　for　measuring　gas　permeability　of　nonporous　HF

membranes　in　a　simple　operational　mode.

　　For　the　selective　separation　of　S02　or　C02　from　exhausted　gas,　the

Permeation　of　N2　through　the　membrane　should　be　kept　as　low　as

possible.　ln　the　present　experiments,　no　appreciable　permeation　of　N2

across　the　membrane　was　observed.　Therefore,　the　experiment　suggests

that　the　permabsorption　process　using　PDMS-HF　membrane　has　the

potential　for　highly　selective　removal　of　S02　or　C02　to　N2　in　nue　gases,

even　though　a　pemlselectivity　defined　as　/)Sθ2//)Cθ2　has　a　value　of

cα.4.5(see　Table　D.

2.3.2　Permselectivity　of　S02　with　respect　to　C02

　　To　examine　the　applicability　of　permabsorption　to　flue　gas

desulphurization,　simultaneous　permabsorption　of　S02　and　C02　from　a

gaseous　feed(10vol%C02　and　O.5vo1%S02　balanced　with　N2)was
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conducted　with　varying　z4£.　ln　wet　flue　gas　treating,　it　is　advisable　to

absorb　S02　from　the　gas　stream　prior　to　the　C02　remova1.　The　present

result　showed　that　with　decreasing　liquid　velocity　the　C02　flux　decreases

remarkably　as　shown　in　Fig.1.3･,　whereas　the　S02　flux　was　not　so　much

innuenced　by　z4£,because　the　amount　of　sulphite　ion　in　the　liquid　was

sufficient　in　relation　to　the　S02　permeated　through　the　membrane.　Thus

we　can　expect　that　the　selective　removal　of　S02　in　Preference　to　C02　is

attained　under　conditions　such　that　the　liquid　flow　rate　is　low,　viz.　the

sulphite　concentration　near　the　membrane-liquid　interface　is　low.

　　Figure　2.2　shows　the　effect　of　the　partial　pressure　of　S02　on　both

S02　and　C02　fluxes　in　the　simultaneous　permabsorption　for　O.01M

Na2S03　at　z41　of　2cm/s.　The　solid　lines　represent　the　theoretical　values

based　on　the　model　with　one　reaction　plane　within　the　liquid　boundary

film,at　which　only　Reaction(2.3)takes　place　instantaneously.

　　lf　there　is　a　sufficient　quantity　of　the　reactant　in　the　liquid　bulk,　then

the　absorbed　S02　would　react　instantaneously　and　deplete　within　the

liquid　film,　and　a　reaction　plane　is　thus　formed.　ln　this　situation　we

assumed　that　the　transfer　of　C02　through　the　liquid　film　is　caused　only

by　molecular　diffusion,　as　the　effect　of　Reaction(2.4)is　negligible.　Thus,

Reactions(2.4)and(2.5)proceed　in　the　liquid　bulk　under　equilibrium

conditions.　ln　the　calculation,　the　concentration　of　sulphite　ion　was

evaluated　at　successive　points　through　the　module,　because　a　remarkable

concentration　fall　was　observed　in　the　effluent　liquid;　the　enhancement

factor　for　S02　was　given　by　Eq.(2.6).Concentration　of　C02　in　the　liquid

bulk　was　obtained　using　the　equilibrium　constants　K1,　K2　and　K3　for

reactions(2.3),(2.4),(2.5).　ln　each　segment　of　the　module,　the　local
values　of　C02　and　S02　nuxes　were　calculated　by　an　iterative　method;　the

over-module　fluxes　were　obtained　by　integrating　the　values　from　the

bottom　to　top　of　the　module.　The　solid　lines　in　Fig.2.2　represent　a　plot

of　the　average　fluxes　over　module　for　S02　and　C02　against　the　S02

partial　pressure　averaged　from　the　inlet　to　outlet　of　the　module.　The

diffusion　coefficient　and　solubility　used　for　the　calculations　were　as

follows6):Z)Sθ2=1.95×1　0'5,　£)Cθ2=1.95×10“5,μSθ2=69.4,and

μCθ2=2.52×103(seenornenclature　for　units)

　　The　pemleation　behavior　of　the　two　gases　can　be　interpreted

reasonably　by　use　of　the　model　with　one　reaction　plane,　indicating　that

the　absorption　of　C02　is　suppressed　in　the　Presence　of　S02.
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　　Here　we　define　the　pemlselectivity　of　S02　in　preference　to　C02　as

　　　　(μθ2/Cθ2j=/μθ2/μsθj//､/a)2/μcθj　　　　　　　　(2.7)

ln　Fig.2.3　the　(y　values　are　plotted　against　the　S02　partial　pressure　for

μcθ2　values　of　5,　10　and　17kPa.　The　S02　permselectivity　varied　in　a

complicated　manner　withμSθ2,　depending　also　onμCθ2.　Such

complicated　behavior　may　be　attributed　to　differences　in　the　membrane

resistance　to　permeation　for　each　gas,　as　well　as　in　the　reaction　kinetics　of

each　gas　in　the　liquid.　There　are　substantial　differences　between　the

results　obtained　from　the　experimental　data(see　Fig.2.2)and　those

obtained　from　the　theory,　especially　forμcθ2　°　5kPa;　such　deviation

arose　from　the　deviation　between　observed　and　calculated　values　of　jCθ2･

This　is　probably　attributable　to　tlarge　but　unquantified　experimenta1

variations　ofμcθ2.　These　may　be　due　to　the　multi'HF　module　itself,　for

example,　because　of　variations　in　the　configuration　of　the　HF　bundle　in　its

elastic　response　to　nuctuations　in　the　gas　and　liquid　now　conditions　in　the

module.

　　Qualitatively,　the　(y　behavior　shown　in　Fig.2.3　can　be　explained　as

follows:　if　there　was　no　membrane　between　the　gas　and　liquid　phases　and

also　the　gas-phase　resistance　was　of　no　significance,　the　value　of　(y　should

decrease　monotonically　with　an　increase　inμSθ2　because　of　the　decrease

in　the　enhancement　factor.　However,　the　permabsorption　of　S02　is　in

membrane-diffusion　controlling　mode　at　lowerμSθ2;　also,　the　rate　of

Reaction(2.5)is　very　slow.　This　leads　to　lowering　of　the　(y　value.

Consequently,　the　pemlselectivity　of　S02　at　a　constantμCθ2　reaches　a

maximum　and　then　gently　declines　in　theμSθ2　range　studied　as　shown　in

Fig.2.3.　1t　is　to　be　noted　that　further　increase　inμsθ2　beyond　the　range

investigated　here　would　be　exPected,　on　theoretical　grounds,　to　bring

about　a　subsequent　rise　in　(y　owing　to　the　contribution　of　Reaction(2.5)to

the　stripping　of　C02　together　with　the　innuence　of　the　enhancement

factor　for　S02.

CONCLUSIONS

　　The　permabsorption　method　using　polydimethylsiloxane　hollow-fibre

membrane　was　examined　for　the　selective　removal　of　S02　from　gas

streams　containing　N2,　C02　and　S02.　1t　was　found　that　an　excellent

permselectivity　can　be　obtained　in　the　HF　module　by　selecting　an
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absorbent　liquid　suitable　for　the　gaseous　species　to　be　removed,　and　by

controlling　operating　conditions.

NOMENCLATURE

C
}
C
D

j

concentration　in　liquid　phase

concentration　in　membrane　phase

diffusion　coefficient

permeation　flux

μ　Henry's　constant

[mol/cm3]

[mol/cm3]

[cm2/s]

[mol/(cm2･s)]

[Pa･cm3/mo1]

£G　overall　mass-transfer　coefficient,　overa11　Permeation　coefficient,

　　　　　　　　　　　　　　　　　　　　　　　　　　　　　　[mo1/(cm2･s･Pa)]

μ　Γeaction　rate　constant

£G　gas　film　mass-transfer　coefficient

£S　membrane-transfer　coefficient

££1iquid　film　mass-transfer　coefficient

/)Permeability　of　the　membrane

μ　partial　pressure　of　C02　or　S02

9　concentration　ratio　of　CB　to　CA2

r　diffusivity　ratio　of　B　to　A

I.1£1iquid　velocity　per　cross　sectional　area　of　HF

S14&cΓφa
θ　aqueous　feed

[m3/(mo1･s)]

[mol/(cm2･s･Pa)]

[mo1/(cm2･s･Pa)]

[cm/s]

[mol/(cm･s･Pa)]

　
　
　
　
1

N
j
‰

E
r
‐
L
E
E

7　membrane　surface　contacting　with　gas　(outer　surface　of　HF)

2

Å

membrane　surface　contacting　with　liquid　(inner　surface　of　HF)

C02orS02

β　Γeactant　in　the　liquid　phase

GreE&

β
δ

enhancement　factor

membrane　thickness

cy　permselectivity　of　S02　to　C02
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Chapter　3.

REMOVAL　OF　C02　AND/OR　S02　FROM　FLUE　GAS

STREAM　BY

MEMBRANE　ABSORPTION　METHOD*

INTRODUCTION

　　The　emission　of　sulfur　dioxide　and　carbon　dioxide　resulting　from　the

combustion　of　fossil　fuels　is　regarded　as　a　cause　of　deforestation　by　acid

rain　as　well　as　global　warming.　ln　1992　the　united　Nation　Conference　on

Environment　and　Development,　held　in　Rio　de　Janeiro,　established　the

goal　of　keeping　the　emission　of　C02　and　other　greenhouse　gases　below

the　level　at　1990　by　the　year　2000.　To　cope　with　the　problem　of　great

urgency,　it　is　advisable　to　reduce　the　C02　as　well　as　the　S02　being

emitted　from　large-scale　stationary　sources.

　　The　removal　of　the　C02,　in　principle,　can　be　achieved　in　the　same

way　as　in　gas　sweetening　processes.　However,　the　amount　of　flue　gas

being　emitted　from　a　thermal　power　plant　reaches　a　few　million　Nm3　per

hour,　to　treat　such　a　large　amount　of　gas　in　a　conventional　gas-liquid

contactor,　a　large　cross-sectional　area　of　the　column　is　needed　to　prevent

flooding,　resulting　in　too　much　absorbent　liquid.　This　causes　an　increase

in　regenerator　duty　and　operating　costs.　0f　practical　interest　is　the

development　of　energy　saving　processes　for　acid　gas　removal　from　nue

gases.　The　most　effective　way　of　providing　a　large　surface　area　of

contact　between　phases　and　improving　the　operability　at　low　liquid　flow

rate　is　by　using　a　hollow-fiber(HF)module　with　a　high　packing　density.

　　Gas　mixtures　can　be　separated　with　porous　and　nonporous

membranes.　Qi　and　cussler12)have　studied　gas　absorption　using　a

hydrophobic　microporous　hollow'fiber　membrane　module,　where　the

microporous　membrane　acted　as　a　bound　between　the　gas　and　liquid

phases.　They　demonstrated　the　advantage　of　operability　at　high　gas-now

rates　without　nooding　because　of　the　indirect　contact　between　the　gas　and

liquid　streams.

*This　chapter　is　appeared　inGas　Separation　and　Purification,　(1994).
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　　For　the　purpose　of　bulk　removal　of　C02　from　flue　gas,　we　have

Proposed　permabsorption,　using　a　non-porous　polymeric　HF　module10).

This　method　has　all　the　advantages　mentioned　above;　an　absorption　rate

comparable　to　the　performance　of　conventional　packed　columns　can　be

achieved　at　a　low　liquid　flow　rate.　Furthermore,　selectivity　for　the

separation　of　a　gaseous　species　from　a　gas　mixture　can　be　enhanced　by　the

membrane　itsel£　ln　permabsorption　using　poly(di-methylsiloxane)HFs,

however,　there　was　a　problem　in　significant　mass-transfer　resistance

through　the　solid　membrane.　ln　the　present　study,　the　applicability　of

membrane　absorption　to　the　removal　of　S02　and　C02　was　examined　with

a　view　to　developing　an　energy　saving　process　for　C02　and/or　S02

removal　from　flue　gases　by　using　a　hydrophobic　microporous　HF

membrane.

3.1　EXPERllVIENTAL

　　Microporous　Tenon　HF,　supplied　by　Japan　Gore　Tex　Co･,　Ltd･,　was

used　as　a　bound　membrane,　with　an　outside　diameter　of　O.　1　8cm　,　an

inside　diameter　of　O.　1　cm,　a　maximum　pore　diameter　of　2μm　and　porosity

of　O.5.　The　membrane　module　consisted　of　a　glass　tube　and　the　HFs,

which　were　fixed　with　epoxy　resin　at　both　ends　of　the　tube.　For

multiPle　HF　module,　these　HFs　were　alTanged　with　a　triangular　pitch

width　of　O.3cm.　Three　modules　consisting　of　the　different　number　of

HFs　were　used　in　this　study;　the　sPecifications　of　the　modules　are　given　in

Table　3.1.

　　A　schematic　drawing　of　the　experimental　setup　is　shown　in　Figure

3.1.　A　completed　module　was　installed　vertically.　Absorbent　liquid　was

supplied　at　the　bottom　of　the　module　and　nowed　on　the　lumen　side　of　the

HF.　Gaseous　feed　entered　at　the　top　of　the　module,　and　nowed　on　the

shell　side.　At　the　end　of　the　module,　both　the　gas　and　liquid　streams　were

kept　at　the　atmospheric　pressure.　Concentration　of　the　solute　gas　diluted

with　N2　ranged　from　O　to　20kPa　for　C02,　and　from　O　to　500Pa　for　S02.

The　concentrations　of　C02　and　S02　in　the　innuent　and　effluent　gas

streanls　were　nleasured　on　each　infrared　gas　analyzer.

　　As　the　absorbent　liquid,　aqueous　solutions　of　the　following　chemicals

of　reagent　grade　were　used:　NaOH,　K2C03,　Na2S03,　monoethanol

amine(MEA),diethanol　amine(DEA),diisopropanol　amine(DIPA),N-

methyldiethanol　amine(MDEA),2-amino-2-methyl-1-propanol(AMP).
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To　check　a　mass　balance　between　the　gas　and　liquid　phases　the　basicity　of

the　innuent　and　effluent　liquids　was　determined　by　titration　･

3.2　RESULTS　AND　DISCUSSION

3.2.1　1Vlass-transfer　characteristics　of　multiple　HF　module

　　ln　the　present　situation,　a　gas　stream　containing　a　solute　as　the

permeant　is　in　contact　with　an　absorbent　liquid　nowing　on　the　lumen　side

of　the　HF　through　the　membrane　pores.　ln　the　case　of　a　hydrophobic

membrane,　the　gas-liquid　interface　is　just　on　the　inner　surface　of　the　HF
because　the　aqueous　solution　is　not　imbibed　within　the　pores　under　the

present　conditions　of　laminar　flow.　Thus　we　can　apply　the　film　theory

for　the　transfer　of　the　gaseous　solute　across　the　membrane.　The

permeant　in　the　gaseous　stream　diffuses　through　the　gas　boundary　film

outside　the　HF　and　the　membrane　pore　and　is　absorbed　at　the　gas-1iquid

interface　inside　the　HF.　Subsequently,　the　solute　dissolved　in　the　liquid

phase　diffuses　through　the　liquid　boundary　film　or　reacts　with　a　reactant

in　the　film　and　liquid　bulk.　A　plausible　concentration　profile　of　the

solute　in　the　steady　state　without　chemical　reaction　is　shown　in　Fig.3.2.

　　The　nux　for　the　permeant　gas　is　expressed　as

　　　j=£Gφ?7j=4fEφ7?2j=4rQ-0　　　　　　　　　　　(3.D

where£G　and　4　are　the　mass-transfer　coemcient　for　the　gas　and　liquid

boundary　films,　resPectively,　and　4　is　the　membrane　transfer　coemcient

given　by

　　　4=£)G/an　　　　　　　　　　　　　　　(3.2)

where　Z)G　is　the　diffusion　coemcient　in　the　gas　Phase,　δthe　membrane

thickness　and　7　the　tortuosity.　Assuming　Henry's　law,　μ゜μC,　the　molar

flux　is　represented　in　terms　of　the　partial　pressure　as

　　　j=λ7Gφ-μ*j　　　　　　　　　　　　　　　　　　　　　　　　　(3.3)

where£G　is　the　overall　gas　phase　mass'transfer　coemcient,　being

expressed　as　the　sum　of　the　three　transfer　resistances:

　　　//λ7(7=7/£G+∂?n/z)GE+///4　　　　　　　　　　　　(3.4)

provided　thatAαy°/1a°Ai.

　　For　laminar　liquid　flow　on　the　lumen　side,　value　of　££can　be

evaluated　from　the　Leveque　solution9)as　suggested　by　Yang　and

Cussler16):

　　　44/Z)Å=7.62μ4/μ&･･&7θ.jJ　　　　　　　　　　　　　(3.5)
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Table　3.1 Specincations　of　membrane　modules.

module　number　　effective　　effective　HF　I.D.of

of　HF　　　area　[cm211ength[cm]　shell　tube　[cm]

A
B
C

4
　
″
D
　
1

vent

134.2

　35.7

　6.7

30.5

22.7

21.3

Gas　Mixer

1.7

1.25

0.8

｣
Q
=
○
｣
}
c
O
O
ヽ
5
o
E

Fig.3.1　Schematic　diagram　of　experimental　apparatus.

Gas　phase Memb. Liq･　phase

Gas-liquid　interface

Fig.3.2　Plausible　concentration　Prome　in　membrane　absorPtion　with

hydrophobic　porous　membrane.

　　　　　　　　　　　　　37



3.2.2　Determination　of　gas　phase　mass-transfer　coemcient　and

mass-transfer　coemcient　in　membrane

　　values　of£G　and£M　were　determined　by　means　of　S02　absorption　in

aqueous　alkaline　solution　for　the　three　modules　with　different　numbers　of

HFs　and　diameters　of　the　shell　tube.　Gaseous　feed　containing　O.2%S02

(in　nitrogen)was　brought　into　contact　with　l.2M　NaOH　as　the　absorbent.

The　S02　reacts　instantaneously　with　hydroxide　ion　at　the　gas-liquid

interface　inside　the　HF;　thus,　the　overall　coefficient£G　is　written　as

　　　7/£G=7/£G+7/4μ　　　　　　　　　　　　　　　　　　　　　　　　(3.6)

　　From　the　Eq.(1.4)in　Chapter　1,　£G　is　presumed　to　correlate　with

M�/J.　Thus,£G　is　supposed　to　increase　proPortinal　to　14G7/J.
Figure　3.3　shows　the　Wilson　plot　of　7/£G　vs.　7/MG7/j.　For　each　of　the

three　modules　A,　B　and　C,　the　data　points　are　located　on　a　straight　line

with　the　same　intercept　of　7　/£M;　thus,　the　value　of　£M　is　found　to　be

5.34×1　0-　l　o　[mol/(cm2･s･Pa)]for　all　three　modules.lt　should　be　noted

that　this　value　is　equal　to　that　predicted　from　Eq.(2)with　the　membrane

tortuosity　7=2　and　Z)G=O.108cm2/s.　The　value　of£G　was　obtained　from

the　value　of£G　by　Eq.　(3.6)using　the　value　oaM.　Figure　3.4　shows

the　dependence　of£G　on　the　Reynolds　number,　suggesting　that　the　values

of£G　are　correlated　with　14G7/j.

　　With　an　assumption　that　the　Sherwood　number,　n　varies　with　the

r4/Uθ.2j　according　to　Takeuchi　dα/.14),the　values　of

n/μμ/j&7/々jE/1μ/j　are　plotted　in　Fig.3.5　against　φ4/φj2･where
the　solid　line　represents

　　　n=θ.4μ7/44/6μ4㈲7㈲j/jy/j　　　　　　　(3.7)
　　For　the　she11-side　mass-transfer　in　multiple　HF　modules,　Prasad　and

Sirkar11)have　reported　a　correlation:

　　　n=j.&/4･μ-φμμ?εθ.6&θ.jJ　　　　　　　　　　　(3.8)

whereφis　the　packing　fraction　of　the　module.　The　comparison　between

Eq.(3.7)and　Eq.(3.8)is　shown　in　Fig.3.6　in　terms　of　the　effects　of

outside　diameter　of　the　HF,　the　gas　velocity　and　the　module　length　for　the

shell　tube　3cm　in　diameter,　where　the　packing　fraction　was　less　than　O.2

and　the　diameter　ratio,　ja/4,varied　from　0.01　to　0.2.1n　the　case　of

lower　gas　velocity　and　of　smaller　6,　a　reasonable　agreement　can　be

found　between　Eqs.(3.7)and(3.8).-With　increasing　gas　velocity　and　HF

diameter,　Eq.(3.7)gives　smaller£c　than　Eq.(3.8)by　about　50%.ln　the

two　equations　the　different　dependencies　of　S/l　on　the　&?number　and　on
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the　hydraulic　diameter　are　probably　arise　from　the　difference　between

the　conditions　for　which　they　were　obtained:　Eq.(3.7)was　derived　for　the

gas　phase　in　the　modules　with　6/4　up　to　O.024,　whereas　Eq.(3.8)for

liquid　phase　in　the　4/4　range　of　O.12　to　O.25.

3.2.3　Nlembrane　absorption　using　aqueous　NaOH　solution

　　Typical　results　for　the　absorption　rates　of　C02　in　aqueous　solution

with　different　NaOH　concentrations　are　shown　in　Fig.3.7　as　a　plot　of　the

flux,　j,　versus　μCθ2,　together　with　the　theoretical　lines　based　on　the　gas

absorption　accompanied　by　the　second-order　chemica1　reaction　between

C02　and　OH'.　Since　the　C02　concentration　in　the　liquid　bulk,　C,　is

negligible　in　case　of　the　presence　of　OHs　in　the　emuent　liquid,　the

absorptlon　rate　ls　glven　by

　　　j=/kQ　　　　　　　　　　　　　　　　　　　(3.9)

whereβis　the　enhancement　factor　which　can　be　evaluated　from　an
equation　given　in　Chapter　1.　Thus　the　C02　permeation　flux　through　the

membrane　was　calculated　from　Eq.(3.9)with　the　correlations　of£G　and

£M,derived　in　the　above　section.

　　The　observed　values　are　in　good　agreement　with　the　calculated　ones.

This　suggests　that　the　behavior　of　the　membrane　absorption　can　be

interpreted　by　a　classical　model　for　chemical　absorption　with　the

individual　mass-transfer　coemcients　from　Eq.(3.2)and(3.7).

3.2.4　C02　removal　using　alkanolamine　solutions

　　The　absorption　of　acid　gases　has　been　carried　out　extensively　with

aqueous　solutions　of　alkanolamines　and　carbonates　as　the　absorbent1･2･7).

For　a　deep　removal　of　C02　from　gas　stream,　alkanolamines　have　the

advantage　of　a　high　absorption　rate　and　capacity　in　contrast　to　carbonates.

The　C02　absorption　by　an　amine　solution　is　accomPanied　by　a　fast

reaction　leading　to　the　formation　of　its　amine　carbamate.　For　primary

and　secondary　amines,　the　following　reaction　occurs

　　　C02+2RNH2　S;　RNHCOO“　+RNH3+　　　　　　　　　　　　(3.10)

This　reaction　is　followed　by　a　slow　reaction

　　　RNHCOO‘+H20　SI　RNH2　+　HC03'　　　　　　　　　　　　(3.11)

For　the　Reaction(3.10),values　of　the　second-order　rate　constant　and
amine　basicity　are　available　elsewhere5･　1　3).
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　　The　C02　absorption　rates　obtained　by　aqueous　solutions　of　DEA,

DIPA,　and　MDEA　are　plotted　in　Fig.3.8　againstμcθ2,　where　the　solid

lines　represent　the　calculated　values　based　on　the　second-order

reaction(3.10).　ln　the　calculation,　the　liquid　phase　diffusivity　of　DEA
was　cited　from　the　literature5),those　of　DIPA　and　MDEA　were　estimated

from　the　equation　of　NVilke　and　Chang15).The　diffusivities　of　C02　in　the

amine　solutionsxverealso　estimated　from　the　equation15).For　simplicity,

Henry's　low　constants　for　C02　in　the　amine　solutions　used　in　the　present

study　were　approximated　by　the　value　for　water.　As　Fig.3.8　shows,　the

absorption　rates　decrease　in　the　sequence　of　amine　basicity　and　therefore

the　reaction　rates　decrease　in　the　same　sequence.

　　Figure　3.9　shows　the　results　for　MEA　solutions　together　with　the

respective　calculated　lines.　The　C02　flux　for　MEA　is　much　higher　than

those　for　other　amines　because　ofφe　high　reaction　rate　and　basicity.　The

calculated　values　were　obtained　in　the　same　second-order　reaction　regime

as　in　the　reaction　of　C02　with　OH',　then　being　in　a　reasonable　agreement

with　the　observed　values.This　indicates　that　the　membrane　absorption

using　a　hydrophobic　microporous　HF　module　is　not　only　emcient　for　the

removal　of　acid　gas　from　flue　gas,　but　also　suitable　for　investigating　gas

absorption　accompanied　by　chemica1　reaction.

3.2.5　Effect　of　amine　addition　using　K2C03　solution

　　Although　giving　rise　to　an　enhancement　in　the　C02　absorption　rate,

aqueous　alkanolamine　solution　has　a　drawback　of　a　much　higher　energy

requirement　for　regeneration　of　the　C02　rich　solution　compared　with

carbonate　solution.lt　is　we11-known　that　the　addition　of　a　small　amount

of　amine　to　aqueous　carbonate　solution　can　not　only　enhance　the　rate　of

C02　absorption　but　also　improve　the　regeneration　efficiency.　Such　an

enhancement　in　the　Presence　of　zwitterion　can　be　interpreted　by　'shuttle

mechanis�3,4).For　the　absorption　of　C02　in　an　amine-mixed　carbonate

solution,　the　fast　reacting　amine　may　combine　with　C02　near　the　gas-

liquid　interface　and　release　it　again　in　.the　bulk　of　the　liquid;　the　free

amine　diffuses　back　to　the　interface　to　react　with　C02.

　　The　shuttle　mechanism　in　C02　absorption　was　exarnined　by　adding

various　amines　to　potassium　carbonate　solution.　Figure　3.10　shows　the

effect　of　the　addition　of　MEA,　DEA,AMP　and　MDEA　on　the　C02

absorption　by　aqueous　K2C,0　3　solution,　where　the　solid　lines　were
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obtained　as　the　sum　of　both　calculated　nuxes　for　2M　K2C03　and　for　each

1M　amine　solution.　For　the　mixed　K2C03-AMP　solutions,　the

enhancement　factor　could　not　be　calculated　because　of　the　complicated

reaction　mechanism　involving　C02　hydration　which　should　be　taken　into

consideration.

　　The　flux　values　obtained　in　the　presence　of　these　amines　are　higher

than　those　for　not　only　K2C03,　but　also　for　the　corresponding　amine

solutions.　ln　the　case　of　the　addition　of　DEA,　a　simple　calculation　could

well　predict　the　absorption　rates,　whereas　the　enhancement　in　the

presence　of　MEA　is　more　remarkable　than　the　calculated　value.

　　Xvhen　taking　the　high　stability　of　the　MEA-carbamate　into

consideration,　it　is　important　to　convert　the　carbamate　to　its　free　form.

This　is　to　be　sure　that　the　addition　of　amines　promotes　the　C02

absorption　rate　in　the　carbonate　solution;　however,　it　is　not　clear　whether

the　shuttle　mechanism　does　take　part　in　the　reaction.　lf　the　residence　time

of　the　liquid　in　the　contacting　device　is　insufficient　to　hydrolyze　the

carbamate,　then　only　Reaction(3.10)can　contribute　to　the　enhancement

of　the　absorPtion　rate.

　　Further　examination　was　made　of　C02　absorption　in　2M　K2C03

solution　containing　amine　carbamate,　prepared　by　bubbling　pure　C02

through　aqueous　solution　of　MEA　and　AMP.　Figures　3.11a　and　b
　　　　　　　　　　　　　　　　　　　　　　　　　●

show　the　effects　of　the　addition　of　the　MEA-　and　AMP-carbamates　on　the

C02　absorption,　respectively,at　two　levels　of　the　carbamation　ratiorC/Åλ

defined　as　the　molar　ratio　of　carbamate　to　the　total　amine.For　both

amines　of　MEA　and　AMP,　the　presence　of　the　carbamates　causes　a

lowering　of　the　absorption　rate　with　an　increase　in　the　carbamation　ratio.

lf　the　shuttle　effect　contributed　to　the　Present　absorption　system,　the

enhancement　of　the　absorPtion　rate　should　also　be　observed　in　the

Presence　of　the　carbamate,　since　there　is　no　significant　difference　in　the

salting-out　effect　on　C02　solubilities　in　the　amine　and　its　carbamate

solutions.From　the　above　discussion,　we　can　conclude　that　the　residence

time　in　the　liquid　is　not　long　enough　to　diffuse　the　carbamate　or　its　free

amine　through　the　liquid　boundary　film,　owing　to　the　small　value　of　the

liquid-phase　mass-transfercoemcient　in　the　laminar　flow.
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3.2.6　Simultaneous　membrane　absorption　of　S02　and　C02

using　Na2S03　solution

　　To　examine　the　applicability　of　the　present　membrane　absorber　for

flue　gas　desulfurization,　the　simultaneous　membrane　absorption　of　S02

and　C02　from　gaseous　feed　into　aqueous　Na2S03　stream　was　conducted.

ln　this　system,　the　following　reactions　in　the　liquid　film　are　considered　to

be　significant.

　　　S02+S032'+H20　4:　2HS03'　　　　　　　　　　　　　　　(3.　1　2)

　　　C02+S032'+H20　S;　HS03‘+HC03'　　　　　　　　　(3.13)

　　　S02+HC03'　S;　HS03'+C02　　　　　　　　　　　　　　　(3.14)

　　The　values　of　the　equilibrium　constants　KI,　K2　and　K3　for

Reactions(14),(15)and(16)　are　2.76×　1　05,7.12　and　3.08×104,

respectively6)at　infinite　dilution　at　298K.　Reaction(3.12)proceeds　much

faster　than　the　others:　the　value　of　kr　has　five　order　of　magnitu(Je　in

m3/(mo1･s),being　widely　different　from　that　for　Reaction(3.13)

(2.39×10'2　m3/(mol･s))6).ln　the　simultaneous　membrane　absorption　of

S02　and　C02,　the　S02　dissolved　in　the　liquid　reacts　instantaneously　with　a

sulfite　ion,　and　is　dePleted　in　the　liquid　boundary　film,　Provided　Cz?>CA2;

a　reaction　plane　is　then　formed.

　　Figure　3.12　shows　the　plots　of　the　absorPtion　rates　of　S02　and　C02

against　fluid　velocity,　M£.　The　C02　flux　decreases　considerably　with

decreasing£4£,whereas　the　S02　flux　is　hardly　innuenced　by　M£as　long　as

sulfite　ion　in　the　liquid　boundary　film　is　not　depleted.　Thus,　for　nue

gases　containing　a　much　lower　S02　than　C02　partial　pressure,　we　can

expect　that　the　selective　removal　of　S02　with　respect　to　C02　is　attained　in

the　present　membrane　absorption　under　condition　that　the　liquid　now　rate

is　low,　in　other　words　the　sulfite　concentration　near　the　gas-liquid

interface　is　low.

　　Figure　3.13　shows　the　effect　of　the　partial　pressure　of　S02　on　both

the　S02　and　C02　fluxes　for　the　simultaneous　membrane　absorption　in

O.1M　Na2S03　at　R　of　1.2cm/s.　The　solid　lines　represent　the　calculated

values　from　a　theoretical　equation　based　on　a　model　with　one　reaction

plane　within　the　boundary　film.　ln　the　calculation,　we　assumed　that　the

dissolved　S02　reacts　instantaneously　with　S032'　but　C02　diffuses　through

the　boundary　film　without　reaction.　Thus,the　contribution　of

Reactions(3.13)and(3.14)are　in　the　bulk,　where　the　concentration　of
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sulfite　ion　was　evaluated　in　succession　through　the　module,　because　a

remarkable　concentration　fall　was　observed　in　the　emuent　liquid.　The

enhancement　factor　for　the　S02　absorption　was　obtained　from　the

following　equation.

　　　β=7+r･7　　　　　　　　　　　　　　　　　　　　　　　　　　　　　　　(3.15)
where　r　is　the　diffusivity　ratio　Z)j/Z)/1,being　equal　to　O.56　in　the　present

situation　and　9=Q?/C42.　The　concentration　of　C02　in　the　liquid　bulk　was

evaluated　from　the　equilibrium　constants　K1,　K2　and　K3.　1n　each

segment　of　the　module,　the　local　values　of　the　C02　and　S02　nuxes　were

calculated　by　an　iterative　method,　and　then　the　averaged　fluxes　over

module　were　obtained　by　integrating　local　values　from　the　inlet　to　outlet

of　the　module.　As　can　be　seen　in　Fig.3　.　1　3,　the　absorption　behavior　of　the

two　gases　can　also　be　reasonably　interpreted　by　the　model.　This　indicates

that　the　absorption　of　C02　is　suPpressed　in　the　presence　of　S02.

　　Here　we　define　the　selectivity　of　the　S02　absorption　to　C02　as

　　　(･θ2/cθ2=/μθ2/μsθj//々θ2/μcθj　　　　　　　　　　　(3.16)

ln　Fig.3.14　the　(y　values　are　Plotted　against　the　S02　partial　pressure　at

pco2　of　5,　10,　15　and　20kPa,　together　with　the　calculated　line　from　the

model　described　above.　The　S02　selectivity　varied　withμsθ2　unusually,

depending　onμCθ2.　Such　complicated　behavior　may　be　attributed　to　the

presence　of　the　membrane　between　the　gas　and　liquid　phases　as　well　as　the

reaction　kinetics　of　each　gas　in　the　liquid.　Qualitatively,　the　(y　behavior

with　the　S02　partial　pressure　can　be　explained　as　follows.　lf　there　was　no

membrane　between　the　gas　and　liquid　phases　and　the　gas-phase　diffusiona1

resistance　was　of　no　significance,　then　the　cyl　value　should　increase　with　a

decrease　inμsθ2　because　of　the　increase　in　the　enhancement　factor.　At

lowerμsθ2,　however,　the　absorption　of　S02　is　in　the　gas　phase　(including

membrane　phase)diffusion　controlling;　also　the　rate　of　Reaction(3.13)is

very　slow.　0n　the　other　hand,　asμSθ2　increases,　the　enhancement　factor

decreases;　this　leads　to　lowering　of　the　(y　value.

　　Apparently　there　are　considerable　deviations　in　the　exPerimental

points　from　each　theoretical　line;　however,　such　deviation　is　responsible

for　the　experimental　errors　in　measuring　the　concentration　of　C02,　that

is　in　the　absorption　rate　as　shown　in　Fig.3.　1　3.　For　example,　if　the　error

in　each　gas　composition　is　within　10%forμsθ2°300Pa　andμcθ2°20kPa,

then　the　(y-value　would　vary　in　the　range　from　245　to　368.
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　　Consequently,　the　S02　selectivity　goes　through　a　maximum　with

increasingμsθ2　as　shown　in　Fig.3.14.　1t　is　to　be　noted　that　a　further

increase　inμSθ2　brings　about　the　increase　in　cy　from　the　contribution　of

Reaction(3.14),which　increases　free　C02　concentration　in　the　liquid　film

as　well　as　the　enhancement　factor　for　S02.

CONCLUSIONS

　　Membrane　absorption　of　C02　and/or　S02　was　examined　using　a

hydrophobic　microporous　HF　membrane　module,　with　a　view　to

develoPing　an　energy-saving　process　for　acid　gas　removal　from　nue

gases.　The　following　results　were　obtained:

1)An　empirical　equation　for　the　gas-phase　mass-transfer　coefficients　on

the　shell　side　was　derived　in　terms　of　the　dimensionless　parameters　of　S/1,

REand　Sc,　included　geometrical　factors　of　the　HFs　and　the　shell　tube.

2)The　rate　of　membrane　absorption　of　C02　in　aqueous　solutions　of

alkalis　and　alkanolamines　can　be　successfully　described　by　a　classical

mass-transfer　model　incorporating　gas　diffusion　through　the　pores

subsequent　to　gas　absorption　accompanied　by　a　chemical　reaction.

3)For　the　simultaneous　membrane　absorption　of　S02　and　C02　in

Na2S03　solution,　a　high　selectivity　of　S02　to　C02　was　attained　by

selecting　appropriate　operating　conditions,　namely　a　low　liquid　flow　rate

and　low　solute　concentration.

NOMENCLATURE

Åαy　membrane　area　based　on　logarithmic

　　　mean　diameter　of　HF

Ai

Aθ

C
4
&
,
6
φ

membrane　area　based　on　inner　diameter　of　HF

membrane　area　based　on　outer　diameter　of　HF

concentration

hydraulic　diameter

inner　diameter　of　HF

outer　diameter　of　HF

inner　diameter　of　the　shell　tube
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[cm2]

[cm2]

[cm2]

[mo1/cm3]

[cm]

[cm]

[cm]
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D
μ
j
々
'
g
4
4
4
£
μ
μ

μ
R
a
&
n
r
″

diffusivity

Henry's　constant

membrane　absorption　nux

mass-transfer　coefficient

mass-trans&r　coefficient　in　the　gas　phase

mass-transfer　coefficient　in　the　liquid　phase

mass-transfer　coefficient　in　the　membrane　phase

overall　mass-transfer　coefficient

module　length

number　of　HF

partial　pressure

equilibrium　partial　pressure

gas　constant

Reynolds　number,　dμG/yθΓjμ£/y

Schmidt　number,　WZ)

Sherwood　number,　&4/Z)

temperature

nuid　velocity

S14&cΓφa
G　　gas

£
　
7
{
2

G
β
'
a
　
E
　
φ
　
y

　　　1iquid

　　　outer　surface　of　HF

　　　gas-liquid　interface

rEE&

　　　enhancement　factor

　　　membrane　thickness

　　　poroslty

　　　packing　fraction

　　　kmematlc　vlscoslty
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　　　[cm2/s]

　　　[Pa･cm3/mol]
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Chapter　4.

PERVAPORATION　VVITH　SXVEEPING　GAS　IN　POLYMERIC

HOLLOVV　FIBER　MEMBRANE　MODULE　-　SEPARATION　OF

ALCOHOLS　FROM　AQUEOUS　SOLUTION*

INTRODUCTION

　　Pervaporation　processes　have　been　an　area　of　deserving　special

attention　for　the　separation　of　organic　liquid　and　water　from　a　liquid

mixture,　because　of　the　advantages　of　higher　separation　factor,　lower

operating　cost　and　scalability　in　use.　　lt　is　successfully　applied　to

dehydrating　aqueous　alcohol　solutions　of　relatively　low　water　content

near　their　azeotrope.　This　application　has　been　commercially　developed

with　the　capacities　ranging　from　2,000　to　1　50,000　1iter　per　day3).

　　ln　alcohol　fermentation　process,　pervaporation　is　rather　favorable　for

continuous　alcoho1　recovery　from　fermentation　broth.　This　method　is

useful　for　enhancing　the　productivity　from　a　reduction　of　product

inhibition,　and　lowering　the　separation　costs2).　For　this　application,

there　have　been　numerous　efforts　for　the　development　of　alcohol　selective

membranes　using　silicone-based　polymers　such　as　polydimethylsiloxane

(PDMS)1)and　Polytrimethylsilylpropyne　(PTMSP)4).ln　general,these

materials　are　rubbery　in　nature;　thus,　previous　studies　are　mainly　made

on　a　nat-sheet　membrane　with　supporting　solid　matrix.

ln　conventional　pervaporation,　partial　pressure　difference　of　Permeant

between　both　sides　of　the　membrane　is　provided　by　reducing　the　total

pressure　on　the　downstream　side,　a　driving　force　for　pemleation　through

the　membrane　being　then　established.　Thus　the　system　needs　a　vacuuming

system　and　solid　matrix　supporting　membrane　as　we11.　Altematively,

permeant　partial　pressure　on　the　permeate　side　can　be　reduced　by

sweeping　the　vapor　with　inert　gas　stream.　This　method　can　realize　a

pervaporation　operation　in　simple　manner　without　vacuuming　systemjn

which　a　rubbery　hollow　fiber(HF)membrane　module　is　applied.　HF

*This　article　was　presented　at　The　3rd　Korea　“Japan　Symp.　on　Sep.　Tech･,　Seoul,

　　pp.　451-455　(1993).
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modules　have　advantages　of　providing　a　large　surface　area　per　unit

volume　and　of　operability　at　low　fluid　velocity.　Thus,　such　a　gas

sweeping　pervaporation　mode　has　the　possibility　of　large　scale　separation

processes.　This　view　will　be　demonstrated　in　the　present　paper　with　the

object　of　conflrming　its　aPplicability　to　the　separation　of　alcohols　from
aqueous　solution　using　PDMS-HF　membrane　module.

4.1　THEORETICAL　BASIS　FOR　EXPERIMENTAL

MEASUREMENTS

　　ln　pervaporation　using　HF　module,　liquid　and　sweeping　gas　flow　on

the　shell　and　lumen　side,　respectively.　Assuming　that　a　permeant

diffusing　through　the　membrane　vaporizes　on　the　pemleate　side　of　the

module,　one　can　exPress　the　Permeant　flux　at　a　steady　state　on　the　basis　of

the　solution-diffusion　model　as
　　　　　　　―　　-

　　　j=4frCP　Qj　=£Gφ2-μθj　　　　　　　　　　　　　(4.1)
　　　　-

where　C　is　the　alcohol　concentration　in　the　membrane　phase,　given　as
-

C=MC;　the　subscript　7　denotes　the　liquid'membrane　interface,　2　the　gas-

membrane　interface,　and　θthe　bulk　of　gas　phase.　The　partial　pressure　on

the　permeate　side　of　the　module,　μ2　,　can　be　evaluated　from　the　vapor'

liquid　equilibrium(VLE)assuming　the　liquid　concentration　in　equilibrium
　　　-

with　Q.　When　the　vLE　of　dilute　alcohol　solution　is　expressed　as　μ=μC,

the　following　equation　is　obtained.

　　　j=r4n2/μμg7μ20/a2　-　μ2j=£Gφ2-μθj=£φ7*-μθj(4.2)
where　the　overall　mass-transfer　coefficient,　£,based　on　the　gas　phase　and

the　hypothetical　pressure　of　alcohol　in　the　aqueous　feed,　μ*,are　given　as

7/A7=μ2/024fj+7/£G

μ7*=Wμ20/z712

(4.3)

(4.4)

　　　The　membrane　transfer　coemcient,　£M,is　defined　as　£M=Z)M/δ,

where　the　alcohol　diffusivity　in　membrane　phase,　Z)M,　can　be　determined

as　will　be　mentioned　later.　The　gas　film　mass-transfer　coemcient,　£G,

for　laminar　flow　inside　a　solid　tube　can　be　evaluated　from　the　Leveque

solution5).

　　　Since　there　is　no　available　data　for　the　vLE　at　a　reduced　Pressure,

partial　pressure　of　alcohol　on　the　permeate　side　was　evaluated　in　terms　of

the　activity　coefficient　from　the　Nvilson　equation　with　the　saturated　vapor

pressure　from　the　Antoine　equation.
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4.2　EXPERIMENTAL

　　Two　PDMS　membranes　of　flat'sheet　and　HF　used　in　this　study　were

supplied　by　Nagayanagi　lnd.　Co.　Ltd.(Japan).The　nat-sheet　membranes

were　of　90　and　500μm　in　thickness;　the　thicker　membrane　was　used　only

for　diffusion　cell　experiment.　The　HF　was　of　O.3　1　cm　in　outside　diameter

and　O.28cm　in　inside　diameter.　Two　membrane　modules　consisting　of

different　number　of　HFs　were　used　in　pervaporation　experiments　and　the

specifications　are　given　in　Table　4.1:　Module　A　was　for　the　operation　at

high　gas　velocity,　Module　B　being　for　low　gas　velocity･

　　Schematic　diagram　of　the　experimental　apparatus　is　shown　in

Fig.4.1.　Sweeping　gas(pure　N2)was　introduced　on　the　lumen　side　of　HF

at　the　top　of　the　module,　and　an　aqueous　solution　of　ethanol　or

isopropanol　as　the　feed　was　supplied　on　the　shell　side　at　the　bottom　of　the

module.　After　having　reached　a　steady　state,　the　permeant　vapor　in　the

effluent　gaseous　stream　was　collected　in　a　cold　trap　submerged　in　liquid

nitrogen　at　a　time　interval.　The　permeation　rate　of　alcohols　across　the

membrane　was　determined　from　the　measurements　of　amount　of　the

Permeate　and　of　the　composition　by　Karl　Fischer　titration.

　　Solubility　of　alcohols　in　the　membrane　was　determined　by　an

immersion　method　at　303K,　whereby　the　concentration　change　in　the

solution　was　obtained　from　the　refractive　index　in　a　now　injection　mode.
Diffusivity　of　alcohols　in　the　membrane　was　determined　by　a　diaphragm

cell　method　using　nat-sheet　membranes　of　dimlrent　thickness.

4.3　RESULTS　AND　DISCUSSION

4.3.1　Membrane　properties

　　Figure　4.2　shows　the　concentrations　of　ethanol　and　isopropanol　in

the　membrane　Phase　in　equilibrium　with　the　respective　liquid　phases,

indicating　that　isopropanol　is　as　soluble　as　ethanol　to　the　PDMS

membrane　by　a　factor　of　2.　The　distribution　ratio　of　the　alcohols,　m,　was
　　　　　　　　　　　　　―

defined　as　the　tangentrC/O　at　an　arbitrary　liquid　concentration.　The

effect　of　permeant　concentration　on　the　alcohol　diffusivity　through　the

membrane　at　304K　is　shown　in　Fig.4.3.　This　plot　gives　the

concentration　dependency　of　membrane-transfer　coefficient.

　　For　the　Pervaporation　in　the　gas　sweeping　mode,　typica1　results　are

shown　in　Fig.4.4　as　a　Plot　of　the　comPosition　of　the　pemleate　against

that　of　the　aqueous　feed,　which　gives　an　extent　of　alcohol　separation.　The
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Table　4.1　Specification　of　membrane　module.

Module　Number　of　HF

　　　　　　　[-]

A
　
B

1
　
″
`
J

IE{F　length

　[cm]
ー

33.6

31.5

Shell　tube　l.D.

　　[cm]

　　0.9

　　1.7

Memb.Area

　　[cm2]
W

　　32.7

　　153.4

Thermostat

Cold　trap

Fig.4.1　Schematic　diagram　of　experimental　aPParatus
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solid　and　dashed　lines　represent　the　vLE　for　the　binary　systems　of

ethanol/water　and　isopropano1/water,respectively.　For　the　feed

concentration　below　60wt%,it　is　found　that　the　permeate　compositions

are　higher　than　the　vLE　compositions;　the　present　membrane　is

preferential　to　ethanol　and　isopropanol.　Thus,　the　further　pervaporation

experiments　were　ca�ed　out　for　the　aqueous　feed　up　to　60wt%alcohol.

4.3.2　Effect　of　gas　now　rate　on　nux

　　The　effect　of　gas　now　rate　on　the　ethanol　and　isopropanol　fluxes　is

shown　in　Figs.4.5a　and　4.5b,　respectively,　as　a　plot　of　j　vs.1.1G　for

various　alcohol　concentrations,　wherein　the　solid　lines　represent　the

calculated　values.　The　calculation　was　made　as　follows.　The　module　was

supposed　to　divided　into　ten　Parts,within　the　each　part,the　value　of
　　　　　　　　　　　　　　　　　　　　　　　　　-

alcohol　flux　was　assumed.　Then　the　value　of　Q.　was　obtained　from　Eq･
　　　　　　　　　　　　　　　　　　　　　　　　　-

(4.1)using　the　£M　value.From　the　plot　of　C　vs.　C£,(Fig.4.2),C2　was

derived.　XVhile,　the　amount　of　alcohol　permeated　in　the　part　of　the

module　was　calculated　from　the　assumed　flux,　then　the　value　ofμθwas

obtained.　The　calculated　flux　was　given　from　Eq.(4j)using　the　£G

value.　The　calculated　and　observed　fluxes　were　compared　and　the　flux

was　reassumed.　The　calculation　was　repeated　until　the　difference　of　the

both　fluxes　were　within　allowable　error.　The　calculated　flux　in　Fig.4.5

were　the　averaged　nux　over　module.　Figure　4.6　represents　a　plot　of

typical　calculation　result　of　the　local　values　of　the　ethanol　nux　against　the

partial　pressure　through　the　module.　ln　the　Plot,　a　remarkable　decrease

in　the　local　alcohol　nux　is　observed　with　an　increase　ofλ:/1,the　distance

in　the　direction　of　the　sweeping　gas　now　from　the　top　of　the　module.

Thus,　the　nux　value　shown　in　Fig.4.5　is　an　average　nux　over　module,

obtained　by　integrating　the　local　values　from　the　inlet　to　outlet　of　the

module.

　　ln　Figs.4.5a　and　4.5b　the　observed　nux　values　are　in　a　reasonable

agreement　with　those　from　the　model　prediction.　The　Permeation　of

alcohols　is　controlled　by　the　diffusion　through　the　membrane　at　higher

gas　velocity;　it　was　found　that　the　ratio　of　gas'film　resistance　to　the　tota1

resistance　is　within　O.3%(e･g.　7/£G°6.jx/μ,7/λΓ゜2.7　×7θ6　atz4G°7θ&w/,y

for　60wt%ethanol.)At　lower　gas　velocity,　however,　the　alcohol　fluxes

decrease　remarkably　with　increasing　the　concentration　of　alcohol　in　the
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feed.　This　can　be　attributed　to　the　condensation　of　the　water　vapor

permeated　in　the　emuent　gas.

　　Figure　4.7a　and　b　show　the　effect　of　gas　now　rate　on　the　water

flux,　jW,　during　the　pervaporation　from　aqueous　ethanol　and　isopropano1

solution,　respectively.　The　figures　implys　that　the　jw　values　show　the

similar　dependence　of　the　gas　flow　rate　for　the　aqueous　feeds　with　the

different　alcohol　concentrations.　This　result　suggests　that　the　water

Permeation　occulTed　independent　of　the　alcohol　permeation.　The　reason

for　the　dePendence　was　not　clear.　Although　the　calculation　of　jw　was

made　on　the　basis　of　the　permeation　model　presented　in　the　section　4.1,

the　values　were　not　in　accordance　with　the　observed　values.The　model

gave　much　higher　values　than　observed　values　and　the　calculated　values

were　varied　with　the　alcohol　concentration　in　feed　solutions.

4.3.3　Effect　of　gas　now　rate　on　alcohol　separation　factor

　　Alcohol　separataion　factor　is　here　defined　by

　　　a=μAR/X9?j/μAF/xwβ　　　　　　　　　　　　　　(4.5)

where　sumx　/7　denotes　the　feed　side,7?　the　recovery　side,Athe　alcohol

and　W　the　water.　Figures　4.8a　and　4.8b　show　the　effect　of　gas　flow

rate　on　the　separation　factor　of　alcohols　to　water　during　the

pervaporation.　The　alcohol　selectivity　increases　with　decrease　in　the　gas

flow　rate　as　well　as　in　the　alcohol　concentration　in　the　feed　solution.　This

was　caused　from　the　increase　in　the　partial　pressure　of　the　alcohol　at　the

gas-membrane　interface,μ2.

4.3.4　Effect　of　downstream　pressure　on　alcohol　nux　in

vacuuming　PV

　　Further　examination　was　made　on　the　apPlicability　of　the　present

model　to　conventiona1　Pervaporation　operation　in　downstream　vacuum

mode.　The　effect　of　permeate　side　pressure　on　the　ethanol　flux　through　a

PDMS　flat　membrane　is　shown　in　Fig.4.9　with　the　calculated　lines.　The

membane　used　here　was　the　SRx　membrane　which　was　prepared　by

casting　a　silicone　disPersed　solution　manufactured　by　Toray　Dow　Coming

Silicone　Co.　Ltd.　The　model　could　predict　well　the　experimental　data

obtained　at　the　pressures　ranged　from　O.01　3　to　2.7kPa.　This　indicates

that　the　performance　of　the　Pervaporation　process　can　be　evaluated　from

the　only　flux　datum　observed　at　a　given　downstream　pressure.
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CONCLUSIONS

　　A　unique　operation　of　pervaporation,　in　which　the　permeant　vapor　is

swept　by　an　inert　gas　flowing　on　the　permeate　side,　was　examined

experimentally　and　theoretically　on　the　permeation　of　ethanol　and

isopropanol　and　the　separation　from　each　aqueous　solution　using　a

PDMS-HF　membrane　module.　lt　was　illustrated　that　the　permeation　rate

of　alcohol　through　the　membrane　can　be　successfully　expressed　by　a

solution-diffusion-evaporation　mode1.　This　operation　mode　could　also　be

applied　for　the　conventional　pervaporation　under　vacuum　on　the

downstream　side.　Separation　factors　of　alcohols　to　water　in　the　present

mode　decreased　with　increasing　gas　velocity,　and　the　permeation　nux　was

controlled　by　the　diffusion　in　the　membrane　･

NOMENCLATURE

-

C

Z)M

μ
　
j
4

M
F
£
a
μ
μ
μ
s

E
x
x
α
δ

concentration　in　the　membrane　phase

solute　diffusivity　in　the　membrane　phase

[mol/cm3]

[cm2/s]

constant　for　the　relation　between　alcohol　vapor　and

concentratlon

flux　of　the　permeate　through　membrane

mass-transfer　coemcient　in　the　membrane　phase

mass-transfer　coefficient　in　the　gas　phase

overall　mass-transfer　coefficient

module　length

distribution　ratio　of　alcohol

partia1　Pressure

equilibrium　partial　pressure

hypothetical　partial　pressure　defined　by　Eq.(4.4)

separation　factor　defined　by　Eq.(4.6)

gas　velocity　per　cross　sectional　area　of　HF

mole　fraction

distance　from　the　top　of　the　module

separation　factor　defined　by　Eq.(4.5)

membrane　thickness
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Chapter　5.

BULK　LIQUID　MEMBRANE　WITH　POROUS　PARTITION
MEMBRANE

INTRODUCTION

　　Supported　liquid　membranes(SLMs)have　been　studied　extensively　for

the　application　of　gas　separation,　concentration　of　metal　ion　from　an

aqueous　solution　and　separation　of　organic　acid　from　femlentation

products3).SLM　has　advantages　of　a　small　amount　of　membrane　solution

with　carrier,　simple　preparation　and　operation,　and　without　containing

surfactant　which　is　used　for　an　emulsion　type　liquid　membrane　having

problems　of　a　loss　of　membrane　solution　as　fine　droplets,　contamination

of　products　with　the　surfactant,　etc.　However,　there　are　some　problems

associated　with　the　use　of　the　SLM:　the　loss　of　membrane　solution　from

the　supporting　porous　membrane　by　evaPoration　or　dissolution　of

membrane　solution　into　the　feed　and　recovery　solutions,　which　leads　to

the　breakdown　of　the　liquid　membrane　and　the　accumulation　of

substances　which　interfere　with　mass　transfer　across　the　liquid

membrane.　For　overcoming　these　problems,　studies　have　been　made　on

continuous　regeneration　and　prolongation　of　the　lifetime　of　the

S　L　M　s　l　,2,4,7).Takahashi　and　Takeuchi4)used　a　nat-sheet　SLM　in

horizontal　configuration,　wherein　a　small　amount　of　membrane　solution

was　forced　to　flow　with　the　recovery　solution　to　stabilize　the　SLM.

Fujinawa　and　Hozawal)used　a　vertical　laminated　film　module　with　a
reservoir　of　the　membrane　solution　at　the　top　of　the　module,　where　one

end　of　the　film　was　soaked　into　the　reservoir.Nakano　et　al.2)used　a

vertical　hollow　fiber　SLM　module　wherein　the　membrane　solution　was

suPplied　by　buoyant　force　to　the　pore-continua　within　supporting　solids.

These　studies　aimed　at　ref111ing　the　Pore　of　the　solid　with　the　membrane

solution　by　supplying　it　continuously･

　　ln　the　present　study,　we　proposed　a　novel　operation　mode　of　a　liquid

membrane　as　shown　in　Fig.5.1,　i.e.　a　large　amount　of　membrane

solution　is　forced　to　flow　on　the　feed　and　recovery　sides,　wherein　both

aqueous　phases　are　partitioned　by　a　hydrophobic　porous　membrane　and
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the　membrane　solution　can　move　freely　through　the　pore　of　membrane.

The　solute　dissolves　into　the　membrane　solution,　then　it　is　transferred

across　the　porous　membrane　with　the　bulk　motion　of　the　membrane

solution,　i.e.　the　organic　phase　acts　as　a　bulk　liquid　membrane.　The

movement　of　membrane　solution　across　the　membrane　can　enhance　the

mass-transfer　rate,　which　enables　a　rapid　separation　of　the　solute.

　　ln　the　operation,　a　large　interfacial　area　between　aqueous　and　organic

phases　can　be　realized　by　decreasing　the　channel　depth　and　inserting　a

hydrophobic　mesh　spacer.　Although　relatively　large　amount　of

membrane　solution　is　needed　for　the　operation　in　comparison　with　the

SLM,　this　method　might　be　effective　toconcentrate　and　separate　unstable

substances　just　as　antibiotics　from　dilute　solution　rapidly･
　　This　view　will　be　demonstrated　by　the　comparison　of　the　fractions　of

solute　removal　from　feed　solution　between　the　bulk　liquid　membrane

operation(BLM)and　the　SLM　operation.　ln　addition,　mass-transfer

coemcients　for　aqueous　and　organic　Phases　and　the　porous　membrane

were　measured　at　various　aqueous　and　organic　now　velocities.

5.1　EXPERIMENTAL

　　Hydrophobic　porous　membrane　used　in　this　study　is　Duragard　2500

of　25μm　in　thickness,　0.45　porosity,　and　O.4×O.04μm　pore　size,　which　is

made　of　Polypropylene.　0n　both　sides　of　the　membrane,　flow　channels

of　rectangular　cross　section(1×10mm)are　set　on　PTFE　sheets　of　lmm

thickness.　A　mesh　having　hydrophobic　surface　is　inserted　within　the　flow

channel.　Experimental　setup　for　the　BLM　operation　is　schematically

shown　in　Fig.5.2a.　The　membrane　module　shown　in　Fig.5.2b　was

installed　vertically.　ln　the　figure　of　module　A,　broken　line　indicates　the

flow　channel　on　the　opposite　side　of　the　membrane,　and　hatched　parts

existence　of　now　channels　on　both　sides　of　the　membrane.Effective

membrane　length　is　98cm.

　　Feed　solution　was　an　aqueous　solution　of　l2-KI,　the　membrane

solution　was　n-hePtane　and　the　recovery　solution　was　aqueous　solution　of

Na2S203.　1odine　in　the　feed　solution　was　extracted　by　the　membrane

solution,　then　was　transferred　from　feed　side　to　recovery　side　across　the

Porous　membrane　and　was　stripPed　from　the　membrane　solution　by　the

recovery　solution.　The　feed　solution　was　mixed　with　the　organic

membrane　solution　just　before　the　inlet　of　the　module,　then　the　two　phase
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mixture　was　supplied　to　the　feed　side　channel　at　the　bottom　of　the

module.　Another　two　phase　mixture　of　the　recovery　solution　and　the

membrane　solution　was　fed　to　the　recovery　side　channel　and　flowed

upward　in　parallel　with　the　feed　side　now.　The　two　phase　mixture

leaving　from　each　channel　of　the　module　was　sent　to　a　phase　separator　in

which　interface　level　was　adjusted　by　two　levelers　for　aqueous　and
organic　phases.　The　membrane　solution　from　the　recovery　side　was

pumped　to　the　feed　side　and　that　from　the　feed　side　to　the　recovery　side,

i.e.the　membrane　solution　was　circulated　between　the　channels　on　the

feed　and　the　recovery　side.　The　recovery　solution　from　the　leveler　was

retumed　to　the　reservoir.　The　iodine　concentrations　in　aqueous　solution

on　the　feed　side　were　determined　by　the　titration　with　aqueous　solution　of

Na2S203.　Experiments　without　circulation　of　the　membrane　solution

were　also　carried　out,　in　which　iodine　free　n-hePtane　was　supplied　to　both

channels　and　the　iodine　concentrations　in　the　membrane　solutions　coming

out　from　the　module　were　measured　by　a　spectrophotometer.

　　For　the　comparison　between　the　BLM　and　the　SLM,　exPeriments

without　supply　of　membrane　solution　were　carried　out　as　an　operation　of

the　SLM.　Flow　rates　of　aqueous　solutions　and　organic　solutions　at　the

outlet　of　channels　were　measured　by　taking　the　solution　from　the　leveler

with　a　measuring　tube　for　a　given　time,　and　those　of　organic　solutions　at

the　inlet　of　channels　with　now　meters.

　　Mass-transfer　characteristics　were　determined　with　module　B

(Fig.5.2b),which　had　a　short　flow　path.　ln　Module　A,　it　is　dimcult　to

measure　the　mass-transfer　coefficient　because　the　organic　phase　at　the

outlet　was　almost　in　equilibrium　with　aqueous　phase.　0verall　capacity

coefficients　based　on　the　aqueous　phase　within　the　flow　channel　were

obtained　by　the　extraction　of　iodine　from　l2'Kl　aqueous　solution　into　n-

heptane　with　a　single　flow　mode.　Distribution　coefficients　of　iodine

between　the　organic　and　aqueous　phases　xvere　nleasured　between　the

solutions　of　individua1　runs.　Capacity　coefficients　for　the　organic　phase

were　also　measured　from　stripping　experiments　of　iodine　from　n-heptane

to　Na2S203　aqueous　solution　in　a　single　flow　mode.　The　iodine　reacts

with　Na2S203　at　the　interface,　and　there　is　no　mass-transfer　resistance　in

aqueous　phase.　For　the　measurement　of　mass'transfer　coemcient　in　the

organic　phase　across　the　porous　membrane,　two　phase　mixture　of

deionized　water　and　iodine　n-hePtane　solution　was　supplied　to　the　feed-
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side　channel,　and　another　two　phase　mixture　of　deionized　water　and

iodine　free　n-heptane　to　the　recovery-side　channe1.　Concentrations　in

organic　phases　from　both　channels　were　measured　as　well　as　flow　rates.

5.2　RESULTS　AND　DISCUSSION

5.2.1　Comparison　between　SLM　and　BLM

　　Figure　5.3　shows　the　iodine　concentration　ratios　of　outlet　to　inlet

aqueous　solution　of　feed-side　channel　for　the　BLM　with　and　without　the

circulation　of　the　membrane　solution,　and　those　for　the　SLM.　The　ratio

increases　with　the　increase　in　aqueous　now　velocity,　because　the　residence

time　decreases　with　&α･7F.　The　fraction　of　iodinerenloved　from　the　feed

solution　in　the　BLM　operation　is　much　higher　than　that　in　the　SLM.　For

Uα9F°O.005m/s,　the　BLM(with　circulation)can　achieve　the　outlet

concentration　as　small　as　about　1/3　for　the　SLM　in　sPite　of　sma11

residence　time　of　the　BLM:　under　the　same　&α9F･　residence　time　of　the

BLM　is　smaller　than　that　of　the　SLM,　because　the　membrane　solution　is

suPplied　with　the　feed　solution　in　case　of　the　BLM.　ln　the　present

experiments,　1%f=£/,9r/?=O.02m/s,　the　residence　time　of　the　BLM　is　about

1/5　of　the　SLM　fol゛　IL/α･7/7°O.005111/s.　The　BLM　cal‘I　I`ealize　a　large

recovery　fraction　with　a　sma11　residence　time.　Flow　velocities　to　get

Cα9Fa/Cα･7R　°　O.4　al゛e　O.02　and　O.005m/s　for　the　BLM　alld　the　SLM,

respectivelyj.e･　,　the　throughput　of　the　BLM　is　4　times　as　large　as　that　of

the　SLM　for　the　same　separation.　Thus　it　is　exPected　that　highly　efficient

separation　and　concentration　is　achieved　in　this　novel　operation　mode.

For　the　experiments　without　circulation　of　membrane　solution,　iodine

free　heptane　was　supplied　to　both　channels,　then　the　values　of

Cα･7/7a/Cα9R　were　smaller　than　those　in　the　case　of　circulation　of

membrane　solution　as　shown　in　Fig.5.3.

5.2.2　Mass-transfer　characteristics

　　To　analyze　the　separation　process　of　the　BLM,　it　is　necessary　to　get

the　mass-transfer　characteristics:　mass-transfer　coefficient　between

aqueous　and　organic　phases　in　the　now　channel　and　mass-transfer

coefficient　in　organic　phase　across　the　porous　membrane.　For　two　phase

flow　in　a　single　now　channel　where　iodine　is　extracted　from　aqueous

phase　into　organic　phase,　a　mass　balance　differential　equation　is　expressed

as
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　　£α9αΓQ･7　-　C�Oj/=-IL/α,μCα,7　　　　　　　　　　　　　　　　(5.1)
where£α9α　is　an　overall　capacity　coefficient　based　on　aqueous

concentration,　z?z　an　iodine　distribution　ratio　between　aqueous　and　organic

phases　and　&α9　aqueous　phase　now　velocity.　ln　the　present　study,　the

value　of　z?7　was　in　the　range　from　6　to　8.　The　distribution　ratio　of　iodine

between　n-heptane　and　l2-Kl　aqueous　solution　and　changes　of　distribution

ratio　with　[KI]xveregiven　in　the　previous　paper5･6).'When　iodine　free　n-

heptane　is　supplied,　iodine　concentration　in　organic　phase　is　given　by

　　Gr=rC4-Q9μ‰/Qr　　　　　　　　　　　　　(5.2)
By　substituting　Eq.(5.2)into　Eq.(5.1),following　equation　is　derived

A7j9αj/゜゜
‰ j(‰7

(Gr″9　Q9)G74L‰C4
(5.3)

£α9αis　obtained　by　integrating　Eq.(5.3)from　the　inlet　to　outlet　of　the

channel　as　follows.

4f°
α9Gμ77

1(Gr″9　Q9)

Gr″IC4 X
Gr″9　Q,7)qp-Uμ7≒/

(5.4)

where　Cα･μand　Cα9　are　iodine　concentrations　in　aqueous　phase　at　the

inlet　and　the　outlet　of　the　channel,　respectively.　Figure　5.4　shows

effects　of&ar　and&α9　on　overall　capacity　coefficient･　£α･7α･which

increases　both　with　&･9r　and　Q9･

　　Capacity　coefncients　in　organic　phase,　&μ,were　obtained　with　back-

extraction　from　n-heptane　solution　of　iodine　to　aqueous　solution　of

Na2S203.　Since　concentration　of　Na2S203　in　aqueous　phase　was　high

enough　to　reduce　iodine　even　at　the　outlet　of　the　module,　the　iodine

concentration　in　aqueous　phase(i.e･,　at　the　interface)is　considered　to　be

zero.　　The　mass　balance　equation　for　the　organic　phase　of　differential

length　j/　and　unit　width　of　the　channel　is　written　as

　-QμGr=&μGμ/　　　　　　　　　　　　　　　(5.5)

By　integrating　Eq.(5)from　inlet　to　outlet　of　the　channel,　&μis　given　by

　　&μ=Γμ,r/£μM'C�/Ca,J　　　　　　　　　　　　　　　　　　　　(5.6)

where　Cari　and　Ca･are　the　iodine　concentrations　in　organic　Phase　at　the

inlet　and　the　outlet　of　the　channel,　respectively.　The　effects　of　&ar　and

&α･7on4μare　shown　in　Fig.5.5･　and　the　following　correlation　was

derived.
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&μ゜j.2　Q9θ.j7Qμ4j (5.7)

The　dependency　of　4Γαon&α9　was　somewhat　larger　than　that　on　&ar･

This　might　come　from　the　fact　that　organic　phase　flowed　along　the

porous　membrane　and　the　mesh　spacer　in　the　channel　because　these

materials　were　hydrophobic　and　the　effect　of　organic　phase　motion　on　the

mass-transfer　resistances　near　the　interface　was　smaller　than　that　of

aqueous　phase　motion.

　　For　the　conditions　of　experiments　in　Fig.5.4,　£aΓαwere　calculated

from　Eq.(5.7)･and　capacity　coefficients･　49α･in　aqueous　phase　were

determined　with　values　of£α･7αand&Γαbyuseof　the　additive　rule　of

mass'transfer　resistances.　values　of　49α　werealso　correlated　with

aqueous　and　organic　Phase　now　velocities　as

&9α=2.6　Q9θ.6sGμjj (5.8)

　　For　the　transfer　of　solute　in　the　membrane　solution　across　the　porous

membrane,there　are　two　different　modes:　one　is　the　diffusional　transfer

attributed　by　the　concentration　gradient,　the　other　is　a　bulk　transfer　due

to　the　motion　of　membrane　solution　through　the　pore　of　membrane.　As

the　transfer　coemcient　implying　the　contribution　of　these　transfers,　we

introduce　a　mass-transfer　coemcient,　£z?,for　membrane　solution　across

the　porous　membrane.　0n　the　assumption　that　amount　of　iodine　dissolved

in　deionized　water　is　negligible,　mass　balance　for　the　differential　section

j/　shown　in　Fig.5.6　is　given　as

-/�rGr/{'a,J/j/=㎏rGf-GJ+yG,f (5.9)

where　/l　is　the　depth　of　the　channel　and　y　the　aPParent　velocity　of

membrane　solution　across　the　porous　membrane.　£zμCg/7　-　Car7?　j

contains　the　bulk　transfer　expressed　by　yμGr/7　-　G,J　as　well　as　the

diffusional　transfer.　Since　�¥is　equal　to　-　v　j/　//･,　Eq.(5.9)is　reduced

to

　　-/･1%f£'af/j/=㎏rGf-Cg/?j　　　　　　　　　　　(5.10)

By　assuming　that　there　is　no　accumulation　in　the　porous　membrane,

following　equations　are　given

　　C�?=rGfjGfj-QfGfμQ,r/l　　　　　　　　　　　(5.H)

　　IL‰/7=£/afj　-　W//･　　　　　　　　　　　　　　　　　　　(5.12)

　　£‰/?=IL‰/?j+W//･　　　　　　　　　　　　　　　　　　　　(5.13)

　　Gf+Q,･/?=Gfj+G4j　　　　　　　　　　　　(5.14)

Eqs.(5.11)to(5.14)are　substituted　in　Eq.(5.10),and　rearranged　as

follows
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£z{1%fjy///1+£4,,･/?ji　v/　/　J
-

㎜
㎜

Gfi+Qr/JwGf
　　　(Gfj+G4j)Gf-Qfμ%fj
Eq.(5.15)is　integrated　between　/=O　and　/=£,and㎏is　obtained　as

4=y
M[Gr/?jGfj/ G,f7+Qr/?i Caf,F　Q,･FjCafi

㈲Q-Q･/(Q｡Q｡)}
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(5.15)

(5.16)

Figure　5.7　shows　the　effects　of　Qr　and　&α9　on£z?in　the　BLM

oPeration.　Gr　is　the　average　organic　phase　velocity　on　feed　side　and
recovery　side.　ln　the　experiments,　aqueous　phase　velocities　were　equal

on　each　side　of　the　module.　As　can　be　seen　in　the　figure,　£z?　does　not

depend　on　aqueous　phase　velocity　but　increases　with　O.37power　of

average　organic　phase　velocity,　i.e･,　the　motion　of　membrane　solution
　　　　　　　　　　　　　　　　　　　　　　　　　　-

across　the　porous　membrane　increases　with　&a　r　.　The　obtained

com31ation　is　as　follows;
　　　　　　　-

　　4=6.j£‰£'.j7　　　　　　　　　　　　　　　　　　　(5.17)

Since　the　pore　size　and　porosity　of　Duragard　2500　was　relatively　sma11,

the　values　of　4　were　not　so　high.　lt　is　expected　that　higher　value　of　4

can　be　achieved　by　use　of　the　partition　membrane　of　larger　pore　size　and

poroslty･

5.2.3　Simulation　of　BLM

　　For　simulating　the　solute　concentration　at　the　outlet　of　the　module

under　various　conditions,　it　is　needed　that　a　formulation　of　differential

mass　balance　shown　in　Fig.5.6　is　established.　The　feed,　the　membrane

and　the　recovery　solutions　flow　in　parallel　with　concentration　change　in

the　flow　direction.　Membrane　solution　moves　across　the　porous

membrane　from　feed　side　to　recovery　side　with　velocity　y/7　and　in

opposite　direction　with　9.　A　differential　mass　balance　on　the　solute　in

feed　solution　is　given　by　Eq.(5.1),and　rearranged

　　jGφ'/j/=-&94Gy-Gf/○/Qf　　　　　　　(5.18)

in　the　recovery-side　channel,

　　･fα･β/j/　゜　494Cg/?/z7z　-　G･βμQφ　　　　　　　(5.　1　8')

ln　the　present　case　of　iodine　transfer　with　the　recovery　solution　of

Na2S　20　3　,　the　iodine　concentrations　in　the　aqueous　phase　and　at　the



interface　between　aqueous　and　organic　phases　within　the　recovery　channe1

were　zero,　and　Eq.(5.　1　8')was　not　used　in　the　calculation.

　For　the　organic　phase　in　the　feed-side　channel

　4Gfa7af=λ7αφμCα,7F-Gf/gμ･j/

　　　　　　　　-μzμGf-G,,J+yGf7　j/　　　　　　(5.19)

　jGf/j/=4frQf-Gf/○/Gf

　　　　　-μzμGf-G,,J+yGfμμGfj　　　　　(5.20)

and　in　the　recovery　side-channel

　4£/a,･/μGr/?=f£zμG,･/7-G,･/?j+yGfjj/

　　　　　　　　-£α9･μGrR　/z72　-　CαJμ'd/　　　　　　　　　(5.2　1　)

jC,9r/?　/j/=f£zμGf-Gr/?j+yGf7　/4　Gr/?

　　　　　　　　　　-&¥μGr/?　/z77　-　CαJμGr/?　　　　　　(5.22)

ln　the　Present　case,　-　&ΓαGr/?　/&,9r7?　is　used　instead　of　the　last　termin

Eq.(5.22).The　change　of　organic　phase　velocity　in　flow　direction　is

written　as

　　jQ,f/j/=-y　//z　　　　　　　　　　　　　　　　　　　　　　　　　　(5.23)

The　concentrations　of　Cα9/7･　Cα97?,Caf　and　Car/?　are　obtained　by　solving

the　set　of　dim･rential　equations　(5.　1　8),(5.18'),(5.20),(5.22)and(5.23)

according　to　the　Runge　Kutta　method.

　　Figure　5.8　shows　the　plot　of　outlet　concentrations　of　aqueous　and

organic　phases　in　the　feed　side　and　organic　phase　in　the　recovery　side　on

the　experimental　conditions　of　without　circulation　of　membrane　solution.

Solid　lines　represent　the　calculated　values　obtained　from　the　set　of

equations　by　using　mass-transfer　coefficients　estimated　from　Eqs.(5.7),

(5.8)and(5.17).The　deviation　between　the　observed　values　and　the　solid

lines　might　come　from　the　different　flow　Pattem　of　two　Phases　in　the

module　A　and　the　module　B　shown　in　Fig.5.2b.　Mass-transfer

coefficients　were　determined　with　the　module　B　of　vertical　now　channel,

whereas　the　BLM　operation　was　carried　out　with　the　module　A　of

horizontal　flow　channe1.　XVithin　horizontal　flow　channel,　it　was　observed

that　organic　phase　tends　to　now　in　upper　part　and　aqueous　phase　flows　in

lower　part　of　the　channel.　ln　vertical　flow　channel,　the　two　phase　now

was　uniform.　Thus　there　is　a　possibility　of　overestimate　of　caPacity

coemcients･μΓαand　4･7αfor　applying　the　BLM　operation　of　horizontal

flow　channel.

　　To　fit　the　calculated　values　to　the　observed　values,　the　effects　of

capacity　coemcients　on　the　calculated　concentrations　at　the　outlet　of　the
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modulewere　exarnined.　The　decrease　of&μand£α･7α1ed　to　the　rise　of

Cα･7Fθand　the　fall　of　CarFa.　ln　the　figure･　dashed　lines　represent　the

calculated　values　obtained　by　reducing　capacity　coemcients　&Γαand　4･7α･

i.e･,　65%of　the　estimated　values.　The　dashed　lines　are　in　a　good

agreement　with　the　observed　values.　This　suggests　that　the　effective

interfacial　area　in　the　horizontal　now　might　be　about　65%of　that　in　the

vertical　now　configuration.　lt　was　concluded　that,　the　model　presented　in

this　study　was　applicable　for　predicting　concentrations　at　the　outlet　of　the

module　with　a　simple　correction　of　capacity　coefficients.　For　the

observed　results　in　Fig.8･　the　ratio　of　Car/7a/Cα9Rfl.7　which　is　much

smaller　than　the　equilibrium　distribution　ratio(in　this　exPeriments　M　°

10).　This　indicates　that　the　mass　transfer　across　the　porous　membrane

acts　effectively　to　reduce　the　concentration　of　Caf.

CONCLUSIONS

　　Mass　transfer　characteristics　in　a　novel　operation　mode　of　bulk　liquid

membrane　with　the　porous　partition　membrane　were　studied

systematically　with　the　iodine　transfer　exPeriments.　lt　was　found　that　the

BLM　operation　is　effective　for　the　rapid　mass'transfer　operation　rather

than　the　SLM　operation.　lt　was　established　that　the　basic　equation

including　coemcient　for　bulk‘transfer　of　membrane　solution　across　the

porous　membrane;　this　coemcient　was　correlated　with　organic　phase

velocity.　The　model　developed　in　the　present　study　predicted　well　the

concentrations　of　aqueous　and　organic　phases　in　the　feed-side　and　the

recovery-side　at　the　outlet　of　the　module　with　a　simple　correction　of

capacity　coemcients　estimated　from　the　correlations　obtained　for　the

different　flow　pattem　of　two　phase　now.

NOMENCLATURE

α
C
'
4
G
'
9

specific　interfacial　area

concentration

depth　of　a　now　channe1

mass-transfer　coemcient　in　organic　phase

mass-transfer　coemcient　for　bulk　transfer

of　the　membrane　liquid　across　porous　membrane
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[m2/m3]

[mol/m3]

[m]

[m/s]

[m/s]



&z9　overall　mass'transfercoemcient

　　　based　on　aqueous　phase　concentration

~
　
£

M

distance　in　flow　direction

total　flow　length　from　inlet　to　outlet

of　the　module

distribution　ratio　of　iodine　between

organic　and　aqueous　phases
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1{
㈹
　
㈹
　
H

[m/s]

[m/s]

[m/s]

[m/s]

Qr　average　velocity　of　organic　phase　in
　　　　feed　and　recovery　side

y　　net　velocity　of　membrane　solution

　　　　across　the　porous　Partition　membrane

vF　　velocity　of　membrane　solution　from　feed-side

　　　　to　recovery-side　across　Porous　membrane

vR　　velocity　of　membrane　solution　from　recovery-side

　　　　to　feed-side　across　porous　membrane

&&cΓφa
a7　　　aqueous　Phase

F　　feed　side

j　　inlet

θ　　　　outlet

θΓ　　　organic　phase

μ　　　　Γecovery　side
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Chapter　6.

COUNTERION　EFFECT　ON　THE　EXTRACTION　OF

LITHIUM　BY　18-CROVVN-6*

INTRODUCTION

　　There　has　been　much　recent　interest　in　macrocyclic　polyether　as

complexing　agents,　because　of　the　ability　of　these　compounds　to　act　as

selective　agents　for　metal　extraction,　to　serve　as　phase-transfer　catalysts,

and　to　transPort　metal　ions　across　hydrophobic　membranes.　Such　neutra1

ionophores　as　crown　ethers　contain　hard　'oxygen　atoms　as　potential

donors　in　their　binding　sites;　interaction　of　cation　with　the　oxygen　atoms

for　ionophoric　cavity　is　expected6).　Thus,　the　selective　extraction　of

metals　by　various　synthetic　cyclic　polyethers　have　been　extensively

reported.　These　studies,　however,　have　been　focused　mainly　on　the

inclusion　of　cations　within　the　ring　cavity　from　aqueous　media;　little　is

known　regarding　the　quantitative　relation　on　the　effect　of　counterions.

ln　the　case　of　neutral　ionophores,　complexation　occurs　between　the　cation

and　the　binding　sites　of　the　ionophore;　thus,it　is　expected　that　the

extraction　and　transport　of　the　cation　are　affected　by　the　solvation　energy

of　the　accompanying　anion,　i.e･,　the　anion'solvent　interaction.　ln　the

present　communication,　this　view　will　be　demonstrated　on　the　extraction

of　Li+by　1　8-crown-6　as　a　typical　neutral　cyclic　polyether.　This　system

is　characteristic　of　very　low　extractability;　therefore,　it　is　favorable　to

examination　under　conditions　with　little　variation　of　the　concentration　of

the　free　ligand　during　the　extraction.

6.1　EXPERIMENTAL

　　Commercially　available　1　8'crown'6,　1　,4,7,　1　0,　1　3　,　1　6-hexaoxacyclo

octadecane(Aldrich)was　dissolved　in　chloroform　and　washed　with　a　large

amount　of　water.　Aqueous　solutions　of　lithium　salts　were　prepared　by

dissolving　Lil,　LiN03,　LiC103,　LiCl　and　Li2S04　of　analytical　grade　with

deionized　water　in　the　concentration　range　of　O.5~2mol/dm3.

*This　chapter　is　appealed　in　J.　Chem.　Eng.　Japan,　25,　No.　2,　220-223(1992).
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Equal　volumes　(20cm3)of　aqueous　and　organic　phase　were　placed　in　a

50cm3　nat-bottomed　nask　and　shaken　for　30min　using　a　shaker　regulated

at　298K.　After　reaching　equilibrium,　the　liquid　mixture　was　settled　in　a

funnel　at　the　same　temperature　as　in　the　extraction.　The　organic　phase

separated　from　the　aqueous　phasewas　scrubbed　with　20cm3　of　deionized

water　for　30min,　whereby　all　the　salts　were　back-extracted　three　times.

The　Li+　concentration　was　determined　by　atomic　absorption

spectroscopy,　and　then　the　equilibrium　concentration　in　the　organic　phase

was　calculated　from　nlass　balance.

6.2　RESULTS　AND　DISCUSSION

6.2.1　Effect　of　crown　concentration　on　distribution　ratio　of

lithium　ion

　　The　distribution　ratios　of　Li+,Z)(=[U]/[Li]),for　the　extraction　from

aqueous　solutions　of　LiCl　and　Lil　are　plotted　in　Fig.6.1　against　the
　　　　　　　　　　　-　　　　　　　　　　　　　　-

crown　concentration,　[£],in　the　organic　phase,　where[Li]and[Li]are

the　equilibrium　concentrations　in　the　organic　and　the　aqueous　Phase,

respectively.　The　value　of　Z)is　directly　Proportional　to[£].This

concentration　dependence　can　be　explained　from　the　mechanism　of　an

ion-pairing　extraction　with　crown　ether　as

　　　　　　　　　£α

Li++1+X-　S:　Li+IX-

£Z)

S=Li゛ZLX' (6.1)

where　ZL　is　the　ligand　in　the　aqueous　Phase　near　the　liquid-liquid　interface

and　the　overbar　denotes　the　organic　Phase;

　　　　&z=[Li+Z,X']/[Li+][£][X']and

　　　　M)=[U7F]/[Litx-].

　　Equation(6.1)leads　to　the　following　relation　between　the　distribution

ratio　and　the　counterion　concentration:

£)=[n]/[Li]=[Litx']/([Li゛]+[Litx-D

=4 D'4[j][XJ'1
　　　　　　　　　　　-　　　　　　　-

　　　　　　=4)&[E][X']=£a[£][X']

Provided　that　£α[1][X']<<1.

(6.2)

(6.2')

　　ln　a　previous　study10),TakahashiEzα/.found　that　the　permeation　flux

of　alkali　metal　ions　across　a　dibenzo-1　8'crown-6　containing
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dichloroethane　membrane　is　directly　proportional　to　the　concentration

product　of　the　cation　and　anion.　ln　other　words,　the　concentration　of　the

complexes　in　the　organic　membrane　is　related　to　the　product　as　the

effective　driving　force　through　the　membrane;　their　result　can　be

explained　well　by　Eq.(6.2).

6.2.2　Effect　of　counterion　on　distribution　ratio　of　lithium　ion

　　Figure　6.2　shows　the　results　for　various　lithium　salts　as　a　log-log

plot　of£)versus　Cs�z,　indicating　that　the　extractability　of　1　8-crown-6　is

in　the　order　l'>N03'>CI03'>C1'　and　is　almost　nil　for　the　sulfate,

although　the　data　are　not　given　here.　This　sequence　com3sponds　to　the

Hofmeister　or　lyotrophic　series　of　anions2).

　　The　thermodynamic　stability　of　a　complex　is,　in　general,　inversely

proportional　to　the　solvation　of　the　ligand　and　of　ion　or　comPlex.

Therefore,　complex　formation　will　be　weaker　in　solvents　where　the

acceptor　is　strongly　solvated.　Li+forms　stable　complexes　with　water

molecules,　in　which　the　cation　is　coordinated　by　four　water　molecules6);

also,　counterions　are　strongly　solvated　in　water.

　　Here　we　attempted　to　introduce　the　Jones-Dole　parameter3),Z?,　to

quantify　the　effect　of　the　anion　on　Li+extraction.　The　dependence　of

fluidity　of　electrolyte　solution　on　the　concentrationl)is　given　by

　　　φ/φo=1+AQ+z?c　　　　　　　　　　　　(6.3)

　　The　coefficientsAand　B　depend　on　the　solute　species.　A　R　is　the
contribution　of　the　interionic　electrostatic　interaction.　The　linear　term,

βC,　arises　from　ion-solvent　interaction.　The　constant　βis　highly　specific

and　is　an　additive　proPerty　of　the　separate　ions.　Generally,　|Å|<IZ?|　,　so
that　the　relative　magnitude　of　the　terms　in　Eq.(6.3)depends　on　the

concentration.values　ofβfor　various　ions　are　available　elsewhere7･8･9),

and　the　aPproximate　value　can　also　be　evaluated　from　Eq.(6.3)with　its

viscosity　data.　According　to　Podolsky7),the　parameter　S　is　Proportional

to　the　perturbation　of　the　activation　energy　accompanying　transformation

of　a　lattice　particle　from　a　water　to　anion.

　　Figure　6.3　shows　a　semilogarithmic　plot　of£)versusβ-coefficient

of　the　anions,　together　with　literature　values　of　£a'for　the　halides

extraction　by　benzo-　1　5-crown-54).　The　relationship　between　1�)o｢

ln£Ex　andβ-coefficient　is　apProximately　linear,　and　the　equation　of　the
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best　straight　line(solid　line)can　be　obtained　for　the　1　8-crown-6　system　on

the　basis　of　Eq.(6.2').

　　4x=7.58×10'6　exp(-78.05μ)　　　　　　　　　　　　　　　　　　(6.4)

　　ln　Figs.6.1　and　6.2,　the　solid　lines　represent　the　calculated　values

from　Eqs.(6.2')and(6.4);the　data　points　fall　very　close　to　the　respective

lines　except　for　LiCI03.　The　dashed　line　for　LiCI03　in　Fig.6.2　illustrates

the　calculated　value　with　aβ-value,-0.038.1n　addition,　for　LiSCN　in

literature　data4)there　is　a　large　deviation　from　the　dashed　line　in　Fig.6.3.

This　may　be　attributed　for　the　suspicious　value　ofβ.　Taking　the

Hofmeister　series　of　anion　into　account,　one　has　an　expectation　of

allowing　numerically　greaterβvalue　for　SCN'.　To　ascertain　the　effect

of　the　concentration　of　anion　on　the　distribution　ratio　of　Li+,further

experiment　was　conducted　with　the　mixed'salts　solution　of　LiN03　and

NaN03.　The　results　are　shown　in　Fig.6.4.　The　value　of£)increases

with　increasing　nitrate　concentration　at　the　constant　[Li+];the　anion-

concentration　dependence　of　Z)has　the　same　tendency　as　in　the　single-salt

system,　as　can　expect　from　Eq.(6.2').

　　ln　conclusion,　the　merit　of　introduction　of　the　Jones-Dole　parameter　is

that　it　can　satisfactorily　explain　known　facts　or　past　findings　on　the　effect

of　counterion　on　metal　extraction　by　cyclic　polyethers.

NOMENCLATURE
Å
β
C
D
&

4)

£EX

£
X
φ
H

constant

constant

concentratlon　m　aqueous　phase.

distribution　ratio　of　lithium

equ111bnum　constant

distribution　coefficient　of　complex

extraction　constant

neutral　ligand　(crown　ether)

anlonlc　sPecles

fluidity(=reciprocal　of　viscosity)

concentration
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[(dm3/mol)1/2]

[dm3/mol]

[mol/dm3]

[-]

[(mol/dm3)-2]

[-]

[(mol/dm3)'2]

[-]

[-]

[(Pas)-1]

[mol/dm3]
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Chapter　7.

MAXIMUM　THROUGHPUT　IN　MULTISTAGE　MIXER-

SETTLER　EXTRACTION　COLUMN*

INTRODUCTION

　　ln　multistage　countercurrent　extraction　column,　it　is　desirable　to

achieve　a　high　mass-transfer　rate　and　an　operability　in　wide　now　rate

range　of　each　Phase.　With　the　strong　agitation,　the　dispersed　droplets　are

split　into　fine　droplets　which　realize　a　large　interfacial　area.　As　the　drop

size　decreases　with　agitation　rate,　however,　the　coalescence　of　dispersed

phase　becomes　dimcult　and　the　dispersed　drop　tends　to　flow　with　the

continuous　phase.　These　negative　effects　lowers　the　throughput.

Therefore,　there　have　been　attempts　for　overcoming　of　these　drawbacks.

　　Scheibe14)sets　the　Packed　bed　between　the　mixing　part　altematively

for　promoting　the　coalescence　of　the　droplets.　For　the　same　purpose,

Steiner5)used　a　three　dimensional　lattice　made　of　PTFE.Bails-Stittl)

realized　a　high　extraction　efficiency　under　a　vigorous　agitation　by

applying　the　electrostatic　field　for　the　coalescence　of　aqueous　dispersed

phase.　GaubingerEzα/.2)used　a　concentric　conesfor　dividing　the　now

channels　of　two　phases　and　achieved　a　stable　operation.

　　The　holdup　and　drop　size　distribution　were　measured　in　the　single

stage　mixer-settler　aPparatus　with　divided　flow　channels　for　both　phases

suggested　by　Takahashi　and　Takeuchi.　From　the　measurement　of

pressure　distribution　in　the　stage,　it　was　suggested　that　a　lifter-turbine

impeller　realizes　a　stable　oPeration　with　strong　agitation　and　raPid

coalescence　of　dispersed　droplet.　ln　the　present　study,　the　effect　of

agitation　rate　on　the　maximum　throughput　was　examined　with　the　Mixer-

Settler　column　consisting　of　three　stages.　The　effect　of　setting　a　coalescer

between　the　mixer　and　the　settler　is　also　investigated.　ln　addition,　the

Pressure　differences　were　rneasured　between　stages　and　between　the

mixer　and　the　settler　in　the　next　stage.

*This　chapter　is　appeared　in　Kagaku　Kogaku　Ronbunshu,　19,　No.　3,　440-445(1993).
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7.1　EXPERIMENTAL

　　Schematic　diagram　of　experimental　apparatus　is　shown　in　Fig.7.1.

The　MS　column　consists　of　three　stages.　A　stage　is　divided　into　two

parts,　the　upper　one　is　settler　and　the　lower　one　is　mixer.　0n　the　bottom

of　the　column,　a　non-woven　fabric　was　mounted　for　coalescing　sma11

droplets　of　dispersed　phase.　As　a　dispersed　phase,　n-heptane　was　fed　at

the　bottom　of　the　column,　then　nows　to　the　mixer　in　the　bottom　stage

through　the　riser　tube.　After　passing　through　the　column,　the　phase　is

retumed　to　the　reservoir　via　a　leveler.　As　a　continuous　phase,　deionized

water　was　supplied　at　the　mixer　in　the　top　stage　through　the　downspout.

After　settling　on　the　top　stage,　the　water　flows　down　to　the　mixer　on　the

middle　stage.　The　water　comes　out　from　the　bottom　of　the　column　and

retumed　to　the　reservoir.

　　The　flow　rate　of　dispersed　phase　is　considered　to　be　controlled　by　the

pressure　difference　between　the　upper　and　lower　ends　of　the　riser　tube.

Pressure　differences　between　the　settlers　and　between　the　mixer　and　the

settler　in　the　next　stage　were　measured　with　manometer　from　the

experiments　of　suPplying　only　continuous　phase.　The　pressure　tap　was

set　at　the　both　settlers　and　at　a　beneath　of　the　impeller,　where　the　end　of　a

tap　tube　is　open　for　upper　direction.

　　Details　of　MS　column　is　shown　in　Fig.7.2(a)and(b).The　column

is　made　of　acrylic　resin,　whose　inside　diameter　is　of　60mm.　There　are

three　stages　within　the　column,　each　stage　is　separated　with　the　PTFE

plate　of　3mm　in　thickness　into　two　parts　as　mentioned　above.　The　total

height　of　one　stage　is　of　90mm:　the　settler　of　40mm　in　height　and　mixer

of　50mm　in　height.　These　parts　are　partitioned　with　the　doughnut-shaPed

PTFE　plate　of　3mm　in　thickness　and　the　open　space　of　the　plate　has　the

diameter　of　30mm.　As　an　impeller,　a　six-blade　lifter　turbine　of　30mm　in

diameter　is　used.　0n　the　partitioning　plate,　various　coalescers　are　set.

The　properties　of　these　coalescers　are　shown　in　Table　l,　wherein　the

table,¨Mesh¨is　a　glass　fiber　mesh　coated　with　PTFE.　¨Lattice¨is　a　three

dimensional　lattice　which　is　assembled　with　mesh.¨Foam¨is　a　urethane

foam　of　three-dimensional　network　structure.

　　The　maximum　throughput　was　measured　under　conditions　of　the

constant　flow　rate　of　dispersed　phase　and　the　agitation　rate.　With

increasing　the　continuous　phase　now　rate,　the　Phase　begins　to　accumulate

at　the　upper　part　of　the　settler　as　shown　in　Fig.7.2(b).The　maximum
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E:　extraction　column

C:　drop　coalescer

TI　:　tank　for　aqueous　phase

R:　riser　for　or9anic　phase

L:　level　er

F:　flow　meter

P:pump

v:valve

Fig.7.1　Schematic　diagram　of　experimental　aPparatus.
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Table　7.1　Poresize　and　thickness　of　coalescers.

Lattice

Foam

Foam

Foam

Foam

dp[゜lll]

1.7×2.0

2.0×2.0

　4.5

　1.8

　1.2

　0.9

t[mm]

0.8

0
　
0

1
　
　
1

0
　
0

1
　
　
1

01

Spun　glass　coated

with　PTFE

Made　of　mesh

urethane

urethane

urethane

urethane
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throughput,&W/7,　was　determined　as　the　flow　rate　when　the　height　of　the

accumulated　dispersed　phase,　/1,　exceeds　20mm.

　　ln　MIXCO　column,　the　maximum　throughput　was　also　measured.

The　operation　was　performed　with　the　same　shell　tube　as　the　MS　column.

The　column　is　partitioned　in　five　stages　with　four　doughnut　shaped　PTFE

Plate　of　the　open　space　of　3　1mm　in　diameter,　the　top　and　the　bottom　stage

are　used　for　the　phase　separation.　At　each　center　of　three　stages,　a　six-

flat　blade　turbine　of　30mm　in　diameter　are　mounted.

7.2　RESULTS　AND　DISCUSSION

7.2.1　Nlaximum　now　rate

　　ln　MIXCO　column,　the　increase　in　&w　is　a　cause　for　the　carry-over

of　small　droPlets　of　dispersed　phase　accompanied　with　the　downward

flow　of　continuous　Phase.　The　disPersed　phase　coalesced　and　accumulate

at　the　top　of　the　settler,　then　moves　upward　to　next　stage.　Nvhen　&wis

further　increased,　the　bottom　stage　becomes　to　be　filled　with　the

dispersed　phase.　At　this　flow　rate,　we　define　the　maximum　flow　rate,

&w/7,　in　MIXCO　column.　Fig.7.3　shows　a　plot　of　maximum　now　rate,

&WF,　versus　the　now　rate　of　dispersed　phase,　&θ.&w/7　decreased

rapidly　with　the　increase　in　&θ.Solid　lines　represent　the　upPer　limits　of

the　flow　rate　for　two　phases　in　the　stable　countercurrent　operation.　ln

the　region　of　upper　right　of　the　line,　the　column　could　not　be　operate

stable.　&WF　was　significantly　affected　with　agitation　rate.　With

increasing　mixing　strength,　the　droplets　are　splitted　into　smaller　ones　and

these　flowed　down　with　the　continuous　phase.　This　leads　to　the

significant　fall　of&W/7.

　　0n　the　other　hand,　within　the　one　stage　of　MS　column,　the　behavior

of　the　dispersion　in　the　mixer　and　coalescence　in　the　settler　is　shown　in

the　photograPh　of　Fig.7.4.　Figure　7.4(a)shows　the　condition　without

coalescer,　where　many　small　droplets　are　observed　and　the　phase

separation　cannot　occur　in　the　settler.　With　mounting　the　lattice

coalescer,　the　coalescence　of　the　droplets　is　much　improved　as　shown　in

Fig.7.4(b),wherein　the　small　droplets　was　not　observed　in　the　settler,

and　the　interface　between　organic　and　aqueous　phases　was　shown　clearly･

　　Figure　7.5　shows　the　plot　of　the　height　of　dispersed　phase

accumulated　in　the　settler,　/1,　against　&w.　ln　the　region　of　low　&w,　the

dispersed　phase　does　not　accumulate,　but　once　starts　to　accumulate,the
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Fig.7.4　Photograph　of　mixer'settler　column,　(a)without　coalescer,　(b)with

　lattice　coalescer.
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height　of　dispersed　phase　steeply　increases　with　&w.　From　the　plot,　the

maximum　throughput　was　determined　as　the　&W　where　the　value　of　/1

reaches　20mm.　ln　MS　column,　the　maximum　throughput　increases　with

the　agitation　rate;　such　a　favorable　behavior　have　not　been　ever　observed

in　other　type　of　extraction　column.　Figure　7.6　shows　the　dependence　of

the&w/7　on　&θwith　the　effect　of　mounting　a　coalescer.　ln　low　&θ

without　coalescer,　the　&WFs　are　larger　than　these　for　with　coalescer,　then

significantly　decrease　with　&θ.This　might　be　caused　by　the　increase　of

flow　resistance　and　the　pressure　drop.　The　carry-over　of　dispersed　phase

droplets　with　the　continuous　phase　makes　increase　in　the　apparent

viscosity　of　the　two　phase　flow.　Furthermore　the　attachment　of　the

dispersed　phase　droplet　on　the　wall　of　a　downspout　increases　the　flow

resistance.　These　negative　effect　on　the　throughPut　was　enhanced　with

the　agitation　rate.　0n　the　other　hand,　the　&WF　with　coalescer　at　low　&θ

is　lower　than　those　values　without　coalescer　becauseof　the　pressure　drop

caused　by　the　coalescer.　However,　the　decrease　in　&w/7　was　not　so

significant　and　the　&W77　was　kept　higher　in　wide　&θΓange　as　observed　in

the　case　without　coalescer.　This　suggests　that　an　effective　coalescence　of

the　droplets　makes　the　oPeration　in　MS　column　stable.　Nvhether　coalescer

was　mounted　or　not,　the　value　of　&W/7　increased　with　the　agitation　rate　in

the　MS　column　contrary　to　the　MIXCO　column,　where　the　throughPut

decrease　with　the　agitation　rate.　The　reason　for　this　excellent

perfomlance　is　considered　to　be　from　the　suction　force　derived　from　the

lifter-turbine　blade.　Figure　7.7　shows　the　effect　of　agitation　rate　on　the

total　throughput　to　compare　between　MIXCO　column　and　MS　column.

The　observed　behavior　in　MIXCO　column　was　a　common　characteristics

among　conventional　countercurrent　extraction　columns.　ln　MS　column

with　lifter-turbine　impeller,　however,　the　high　agitation　rate　realizes　both

large　interfacial　area　and　high　throughput.　This　provides　the　great

advantage　for　the　continuous　countercurrent　operation.

　　The　effect　of　various　coalescer　on　the　maximum　throughput　is　shown

in　Fig.7.8.　Although　the　mesh　coalescer　is　the　thinnest　among　the　three,

the&wF　is　lower　than　the　&w/7　for　lattice　of　the　same　material.The

difference　might　be　due　to　the　structure　of　the　mesh.　0n　the　mesh

coalescer　which　is　mounted　horizontally,　the　dispersed　phase　easily

coalesced　and　made　the　mesh　clog.　This　might　be　led　to　the　increase　of

pressure　drop　between　the　mixer　and　the　settler.　0n　the　lattice　coalescer,
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the　dispersed　phase　attached　on　the　fiber　moves　easily　along　the　fiber　and

drained　away.　Thus　even　for　the　relatively　large　drops　at　low　agitation

rate,　effective　coalescence　was　achieved　without　increasing　the　pressure

droP.　When　urethane　foam　is　used　as　a　coalescer,　the　&wF　decreases

significantly　with　&θ,and　lots　of　uncoalesced　small　droplets　were

observed.　Figure　7.9　shows　the　effect　of　pore　size　of　the　urethane　foam

on　the　lLZw/7.　The　&wF　decreased　with　the　decrease　in　the　pore　diameter,

i.e･･　the　increase　in　pressure　droP.　For　the　coalescer　of　j/7　1ess　than

1.2mm,　small　droplet　of　dispersed　phase　was　well　trapPed　and　it　was　not

observed　that　the　droplets　passed　through　the　coalescer.

7.2.2　Pressure　drop

　　ln　MS　column　without　coalescer,　both　the　pressure　differences

between　the　settlers,　∠1/)7,and　between　the　mixer　and　the　settler,　∠1/)2　are

Plotted　against　&w2　in　Fig.7.1　0.　NVhen　there　was　no　agitation,　∠1/)7　was

equal　to　∠1/)2　and∠1/)increased　in　proportio　to　&W2.　Under　conditions　of

supplying　only　continuous　phase　and　closing　the　end　of　the　riser　tube,

∠1/)2　was　expressed　as　the　pressure　difference　of∠1/)7　plus　the　pressure

difference　between　the　mixer　and　the　settler.　The　results　of∠1/)7=∠1/)2

suggested　that　the　dominant　pressure　drop　is　between　the　both　ends　of

downspout.　Since　the　rotation　of　lifter-turbine　yields　a　suction　force,　the

pressure　drop∠1/)7　decreases　with　the　agitation　rate.　ln　addition,　∠1/)2

decreases　remarkably　with　the　agitation　rate　and　at　last　the　value　became

negative,　i.e･,　the　pressure　in　the　settler　of　lower　stage　became　higher

than　that　in　the　mixer　of　upper　stage.　This　pressure　difference　made　the

now　of　dispersed　phase　upward,　therefore,　the　total　throughput　increased

with&θin　MS　column　as　shown　in　Fig.7.7.　As　the　driving　force　to　flow

the　dispersed　Phase　upward,　the　buoyant　force　should　also　be　taken　into

consideration.　The　buoyant　force　arose　from　the　dispersed　phase

accumulated　in　the　riser　and　the　settler.　lt　was　expressed　in　the　form　g

∠1μ㎏+/0,where∠Xpis　the　density　dim･rence　between　phases(in　these
experiments,　3　15　kg/m3)and　/･j?　the　length　of　a　riser(in　there

experiments,　0.03　3m).　lf　the　accumulation　height　in　settler　is　2cm,　the

buoyant　forced　becomes　to　164Pa.　As　increase　in　the　now　rate　of

continuousPhase,　the　total　driving　force　∠1μ4+/0-∠1/)2　becomes　zero
and　the　dispersed　phase　does　not　flow.　So　it　was　considered　that　the

throughput　reaches　a　maximum.　From　the　plot　of　Fig.　1　0,　the　value　of
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IL4　at　J)2　is　equal　to　1　64Pa　£/w=(4.4　×10-5)o.5=6.6×10-3　m3/(m2･s)

for　zz　=8.3s-1.For　zl　=10.4　and　12.5s-1,&w　values　are　obtained　from

the　interpolation　of　the　curves.　These　values　are　7.5×1　0-3　and

8.5×10'3m3/(m2･s),respectively.　0n　the　other　hand,　the　observed　values

of　lL/wF　without　coalescer　at　lL/θ=0.6×10'3m3/(m2･s)are　6.2×10-3,

7.5×　1　0-3　and　8.5×1　0-3m　3/(m2･s)at　z･=8.3,10.4　and　12.5s-1,

respectively.　These　values　are　in　good　agreement　with　the　values

predicted　from　the　relation　of　jpr㎏+/0-J)2=θ.

　　Figure　7.1　1　shows　the　effect　of　hole　size　of　coalescer　on　∠1/)7　and

∠M)2.　For　the　coalescer　of　4.5mm　in　hole　diameter,　∠1/)7　is　about　as　high

as　the　value　without　coalescer　for　zl　=θ.When　the　hole　diameter　is　sma11

and　there　is　no　agitation,　the　Pressure　drop　increases　and　the　value　of　∠X/)7

becomes　larger　than　that　without　coalescer.　The　increase　in　∠1/)2　is　more

significant　than　that　in　∠1/)7　because　the　pressure　drops　of　two　coalescers

were　included　in　∠1/)2.　Even　if　there　was　agitation,　the　pressure　drop

arose　from　the　coalescer　gave　the　same　effect　on　the　∠1/)2.　For　these

coalescers,the　values　of&WF　were　estimated　from　the　interpolation　of

the　curve　of∠1/)2　versus　&θand　the　buoyant　force　as　mentioned　before.

The　values　of&w/7　for　the　foam　coalescer　of　the　largest　hole　and　of　the

smallest　hole　were　8.5×1　0'3　m3/(m2･s)and　7.2×1　0-3m　3/(m2･s),

respectively.　ln　Fig.9,　the　observed　&w/7　values　at&θ゜O.6×10'3

m3/(m2･s)for　each　coalescer　was　7.1　×　1　0-3　and　3.8×10-3m3/(m2･s),

respectively.　These　observed　values　were　lower　than　the　estimated

values,　even　if　the　observed　values　were　extraPolated　to　&θ=θ.This

might　be　the　effect　of　the　increase　of　pressure　drop　due　to　the　attachment

of　the　dispersed　phase　on　a　coalescer.　Thus　when　the　dispersed　phase　was

supplied,　the　value　of∠1/)2　in　Fig.7.9　might　be　lower　than　those　in

Fig.7.1　1.　With　the　lattice　coalescer,　the　pressure　drop　of　the　lattice　itself

was　as　low　as　the　urethane　foam　of　larger　hole.　As　observed　in　Fig.7.6,

the　flow　of　dispersed　phase　lowered　the　&WF　atlow　&θ,owing　to　the

decrease　in　pressure　drop.　Furthermore,　the　decrease　of　&w/7　with　the

lattice　coalescer　is　less　significant　than　that　for　the　foam　coalescer.　This

is　because　the　excellent　Performance　of　coalescence　of　the　dispersed

droplet　with　the　lattice　coalescer.　The　dispersed　phase　attached　on　the

lattice　flows　along　the　fiber　and　moves　upward　rapidly,　thus　the　pressure

drop　was　not　affected　significantly　by　the　increase　in　&θ.　The　lattice

coalescer　has　the　surface　of　PTFE　which　is　highly　resistant　to　the　various
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organic　solvents,　strong　acids　and　bases.　For　the　extraction,　this　is　also

an　advantage　of　a　lattice　coalescer.

CONCLUSIONS

　　ln　a　multistage　mixer-settler　extraction　column,　the　fine　droplets　of

the　dispersed　phase　is　desirable　for　enhancing　the　mass　transfer.

Generally　the　strong　agitation　for　making　a　fine　droplets　leads　to　the

decrease　in　the　throughput　and　unstable　countercurrent　operation.　ln　the

present　study,　we　proposed　a　Mixer　Settler　column　using　lifter-turbine

impeller.　lt　was　observed　that　the　maximum　throughput　increase　with　an

agitation　rate.　This　excellent　performance　was　achieved　by　the　suction

force　at　the　beneath　of　lifter-turbine　impeller.　This　effect　was　clarified

by　measuring　the　pressure　differences　between　the　settlers　and　between

the　mixer　and　the　next　settler.　Furthermore,the　insertion　of

hydrophobic　matrix　between　between　the　mixer　and　settler　coalescer

enhanced　the　coalescence　of　dispersed　phase　droplets　between　the　mixer

and　the　settler,　and　the　coalescer　makes　the　countercurrent　operation

stable　under　wide　flow　conditions.　Especially,　in　high　now　rate　of

dispersed　phase,　the　maximum　flow　rate　was　greatly　improved　by　the

coalescer.　A　lattice　of　a　mesh　sheet　coated　with　PTFE　gave　a　superior

Performance　as　a　coalescer.

NOMENCLATURE

4
9
4

㎏

ZI

∠X/)7

∠X/)2

&

∠1ρ

pore　size　of　coalescer

gravltatlonal　acceleratlon

height　of　dispersed　Phase　accumulated　in　settler

height　of　riser　for　organic　phase

agitation　rate

pressure　drop　of　one　stage

Pressure　difference　between　outlet　and　inlet

of　organic　Phase　riser

flow　rate　Per　unit　cross　sectional　area　of　column

density　difference　between　aqueous　and

organic　phases
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Chapter　8.

STAGE　EFFICIENCY　OF　MIXER-SETTLER　EXTRACTION

COLUMN*

INTRODUCTION

　　Multistage　countercurrentextraction　is　useful　for　the　separation　of

liquid　mixtures,　and　an　extraction　column　of　high　performance　which

achieves　large　throughput　and　a　high　stage　efficiency　is　desirable.

Mechanical　agitation　can　promote　stage　efficiency　due　to　the　large

interfacial　area　with　small　dispersed　drops.　As　the　drop　size　decreases

with　agitation　speed,　however,　the　relative　velocity　between　the　dispersed

drops　and　the　continuous　phase　decreases,　which　makes　the　throughput

sma115).　Moreover,　axial　mixing,　which　lowers　the　stage　efficiency,

becomes　significant　at　high　agitation　speed.　To　increase　the　relative

velocity　between　Phases,　it　is　desirable　that　the　small　drops　be　coalesced

in　the　section　between　stages.　Scheibe16)set　up　the　mixing　part　and　the

packing　part　altemately　to　promote　drop　coalescence　in　the　packing　part.

For　the　same　purpose,　Steiner　a　�.7)used　a　three-dimensional　lattice　as　a

partition　of　the　mixing　stages.　ln　the　case　of　aqueousdisPersion,　Bails-

Stitt1)used　an　electrostatic　coalescence　to　obtain　stable　operation　under　a

vigorous　agitation.　The　division　of　flow　channels　into　a　dispersed　phase

channel　and　a　continuous　phase　channel　is　also　useful　to　obtain　large

throughput　as　an　effective　utilization　of　buoyancy･

　　GaubingerEzα/.2)achieved　a　large　throughput　and　small　axial　mixing

by　dividing　the　flow　channels　with　concentric　cones.　The　section　in

which　the　drops　are　coalesced　is　a　sort　of　settling　part,　and　act　as　a

suppresser　of　axial　mixing.　Horvath-Hartland4)realized　a　high　stage

efficiency　with　a　mixer'settler　extraction　column　in　which　the　interstage

mixing　was　extremely　sma11,　but　the　throughput　of　the　column　was　also

sma11.

　　1n　the　previous　chapterjt　was　discussed　about　the　maximum

*This　chapter　is　appeared　in　J.　Chem.　Eng.　Japan,　26,　No.　6,　7　1　5-7　19(1993).
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throughput　of　the　MS　column,　i.e･,　the　maximum　throughput　was

measured　for　a　mixer-settler　column(MS　column),which　had　a　drop

coalescer　between　each　mixer　and　settler,　divided　flow　channels　and　a

lifter-turbine　impeller　in　the　mixer.　lt　was　indicated　that　the　drop

coalescer　was　useful　for　the　stable　operation,　especially　at　a　large　flow

rate　of　dispersed　phase,　and　that　a　large　throughput　was　realized　by　the

suction　pressure　induced　with　the　lifter'turbine　impeller　as　well　as　by　the

devision　of　now　channels.　ln　the　present　study,　the　stage　efficiency　of　the

MS　column　is　measured　with　iodine　extraction　from　the　aqueous　phase

into　n-heptane,　and　the　effects　of　the　agitation　speed,　the　now　ratio　of　the

dispersed　phase　to　the　continuous　phase　and　the　distribution　ratio　of

iodine　between　Phases　on　the　stage　efficiency　or　the　height　of　a　transfer

unit　is　studied.

8.1　EXPERIMENTAL

　　An　experimental　flow　sheet　with　a　MS　column　is　shown　in　Fig.8.1.

Details　of　the　columnNveregiven　in　the　previous　paper9).　The　extraction

column　consists　of　three　stages　and　a　bottom-droP　coalescer　of　nonwoven

material　and　the　inside　diameter　of　the　column　is　60mm.　Each　stage　is

partitioned　into　an　uPper　settler　of　40mm　in　height　and　a　lower　mixer　of

50mm　in　height.　A　6-blade　lifter-turbine　of　30mm　in　diameter　is　used

for　agitation　in　the　mixer　and　a　three-dimensional　lattice-drop　coalescer

is　set　on　the　stator　ring　of　30mm　in　opening　diameter　between　the　mixer

and　the　settler.　The　lattice　coalescer,　which　is　made　of　glass　fiber　mesh

coated　with　PTFE,　is　10mm　in　height　and　2.5×2.3mm　rectangular　pitch.

　　An　aqueous　solution(continuous　phase)fed　to　the　mixer　of　the　top

stage　rises　through　the　coalescer　into　the　settler　with　the　dispersed　Phase,

goes　down　through　two　downspouts　located　at　oPposite　sides　of　the

column　into　the　lower-stage　mixer　after　settling　into　two　phases　and

finally　be　led　to　the　leveler　from　the　bottom　of　the　column.　An　organic

solution(dispersed　Phase)fed　at　the　bottom　of　the　column　rises　from　the

mixer　into　the　settler　with　the　continuous　phase,　from　the　settler　into　the

upPer-stage　mixer　through　a　riser　and　overnows　from　the　top　of　the

column.　The　downspout　is　a　glass　tube　of　5.5mm　inside　diamter　and　the

riser　is　a　PTFE　tube　of　4mm　in　inside　diameter.　The　continuous　phase

and　the　dispersed　phase　now　countercurrently　as　a　whole.
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E:　extraction　column

C:　drop　coalescer

TI　:　tank　for　aqueous　phase

T2　:　tank　for　or9anic　phase

l:　6-blade　lifter-turbine

D:　down　spout　for　aqueous　phase

R:　riser　for　or9anic　phase

L:　level　er

F:　flow　meter

P:pump

v:valve

Fig.8.1　Schematic　diagram　of　exPerimental　aPParatus.
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　　Stage　efficiencies　were　measured　with　the　experiments　of　iodine

extraction　from　an　aqueous　solution　of　l2-Kl　into　the　dispersed　phase　of

n-heptane.　After　the　column　was　f111ed　with　the　aqueous　solution,　iodine-

free　n-heptane　was　fed　and　the　outlet　aqueous　solution　and　the　outlet

organic　solution　were　taken　at　intervals　of　5minutes.　The　iodine

concentration　of　these　samples　were　measured　by　a　spectrophotometer.

Steady　state　was　achieved　after　nowing　the　solutions　of　over　three　times

the　column　volume　when　the　now　ratio　of　aqueous　phase　to　organic　phase

was　4.　Since　the　distribution　ratio　of　iodine　for　the　present　system　varies

with　concentration　of　iodic　ion　in　the　aqueous　solution8),aqueous

solutions　of　various　Kl　concentration　were　used　in　the　experiment　to

change　the　distribution　ratio.　　The　distribution　ratio　for　each

experimenta1　run　was　determined　by　measuring　the　iodine　concentrations

of　the　dispersed　and　the　continuous　phases　after　equilibrating　two　phases.

　　Stage　efficiencies　were　measured　with　a　MIXCO　column　for　the

comparison　with　the　MS　column.　The　same　column　shell　as　with　the　MS

column　was　used,　and　the　column　was　divided　into　five　stages　of　60mm　in

height　by　stator　rings　of　3　1mm　in　opening　diameter.　The　top　and　the

bottom　stages　were　used　as　settlers,　and　a　6'blade　turbine　impeller　of

30mm　in　diameter　was　set　at　the　center　of　each　stage　for　three　stages.

The　time　to　reach　steady　state　was　about　twice　of　that　for　the　MS　column.

8.2　RESULTS　AND　DISCUSSION

8.2.1　Stage　efficiency

　　Liquid-liquid　equilibrium　for　the　extraction　of　iodine　from　aqueous

phase　into　heptane　is　given　by

　　　y=z77　x　　　　　　　　　　　　　　　　　　　　　　　　　　　(8.D

where　y　and　x　are　the　iodine　concentrations　in　heptane　and　aqueous　phase,

resPectively,　and　z?l　distribution　ratio　of　iodine　which　is　expressed　by

z71=36.6/(1+748[I'])8),where[I']is　iodic　ion　concentration　in

kmo1/m3.　Since　mutual　solubilities　between　n-heptane　and　water　are　very

sma11,　the　operating　line　for　the　multistage　counterculTentextraction　is

expressed　by

　　　M-yM=μ/£jμ,,+7　-　xazj　　　　　　　　　　　　　　　　(8.2)

where　7?　is　the　raffinate　phase　flow　rate,　£the　extract　phase　now　rate,

y&the　iodine　concentration　in　organic　phase　fed　to　the　bottom　of　the

column,　and　χθ�the　iodine　concentration　in　aqueous　phase　from　the
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bottom　of　the　column.　Stage　number　is　counted　from　the　top　of　the

column.　The　stage　efficiency£θy　based　on　the　concentration　of　organic

phase　is　defined　as　follows.

　　　£θy=Cy~μzJ/φj-MzJ　　　　　　　　　　　　　　　　(8.3)

where　yzl*(゜z?uzz)is　the　organic　phase　concentration　in　equilibrium　with

the　aqueous　phase　of　zl'th　stage.　Under　the　assumption　that　stage

emciency　does　not　vary　with　the　stage　number,　the　following　relation　is

derived　for　7V-stage　column　from　Eqs.(8.1)to(8.3)as　shown　in

Appendix.

　　　£θμz7zxaz　-　yJ　μ+Q+y+･･･+y-7j
　　　-Cyar　-　MJ　=θ

where

　　　ry=£θyM/μ/£j-7j+7　　　　　　　　　　　　　　　　(8.5)

The　flow　ratio　is　given　by　/?/£=On,-yjJ/μj,2　-　4J.　By　using　the

measured　values　ofχM･　4M･　yjzl･　ya£4z　and　M･　£θy　can　be　determined　from

Eq.(8.4).

　　Stage　emciencies　£64　of　the　MS　column　and　the　MIXCO　colunln　are

shown　in　Fig.8.2　against　the　agitation　speed　z2　for　the　distribution　ratio

M　°　6.0　and　flow　ratio　7?/£゜4.　£θy　of　MS　column　increased

monotonously　with　increase　in　zl　and　a　high　stage　efficiency　could　be

obtained　with　strong　agitaion　under　the　Present　experimental　conditions.

£θy　of　the　MIXCO　column　stopped　increasing　at　large　values　of　η･and

the　values　were　smaller　than　those　of　the　MS　column　in　spite　of　the　fact

that　the　holdup　of　dispersed　phase(i.e.,the　interfacial　area)ofthe　MIXCO

column　was　larger　than　those　of　MS　column.　The　stage　emciency　of　the

MIXCO　column　might　be　affected　by　the　axial　mixing　between　stages.

Since　the　axial　mixing　increased　with　agitaion　speed,　the　difference　in

£θy　between　the　two　columns　became　large　with　η.The　MS　column　may

be　a　high-perfomlance　extraction　column,　which　can　achieve　a　high　stage

emciency　as　well　as　a　high　throughput　and　stable　operation　at　vigorous

agitation.　However,　if　the　agitation　speed　continues　to　increase,　a　large

part　of　dispersed　drops　will　pass　through　the　coalescer　without　coalescing

and　be　accompanied　by　the　continuous　phase,　and　a　decrease　in　stage

emciency　follows.　Though　smaller　drops　can　be　coalesced　with　the

coalescer　of　smaller　mesh　pitch,　the　pressure　drop　in　the　coalescer

increases　with　the　decrease　in　mesh　pitch,which　decreases　the

throughput9).
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　　The　effect　of　throughput　on　the　stage　efficiency　is　given　in　Fig.8.3

for　a　given　R/£and　M.　&θand&W　are　superficial　velocities　of　the

dispersed　and　the　continuous　phases　respectively,　and　£/θ+Uw=1.33m/s

co“`espollds　to　7?　+£゜3.75×10‘6�3/s　foMhe　pl`esellt　cohm111.　£θy

varied　little　with　total　throughput　&θ+&w.　The　holdup　of　dispersed

phase　increases　with　increase　in　&θand　decreases　with　increase　in　&W,

and　the　effect　of&θis　larger　than　that　of　&W10),i.e･　,　the　holdup　may

increase　by　doubling　&θ+&w　at　constant　/?/£.　The　residence　time　of

dispersed　phase　decreases　with　increase　in　&W,　and　the　size　of　dispersed

drop　increases　with　decrease　in　residence　time1　1).　As　effects　of　the　flow

rate　on　stage　efficiency,　the　contribution　of　the　holdup　is　positive　and　that

of　the　residence　time　is　negative,　for　the　interfacial　area　is　proportiona1

to　the　holdup　and　inversely　proportional　to　the　the　drop　size.　The　former

may　be　compensated　by　the　latter　in　case　of　Fig.8.3.

　　0n　the　other　hand･　£θy　for　a　given　z?7　increased　with　the　flow　ratio

7?/£,and　that　for　a　givenμ/£decreased　with　the　distribution　ratio　M　as

shown　in　Figs.8.4　and　8.5.　These　data　are　replotted　against　g/μ/£j

in　Fig.8.6.　Points　for　a　given　agitation　sPeed　are　on　one　curve　for　both

variations　in　7?/£and　4j.e･,　the　stage　emciency,　depends　on　the　ratio　of

the　slopes　between　the　operating　line　and　the　equilibrium　line.

　　XVhen　the　stage　efficiency　£θx　defined　by　the　following　equation　using

the　concentration　of　continuous　phase,　the　dePendency　of　the　stage

emciency　on　M　and　/?/£may　be　different　from　the　above　results.

　　　£θx=μ,z-x,HJ/μ,z*-4+7j　　　　　　　　　　　　　　　(8.6)

where　4*゜μ/M.　ln　the　same　way　as　for£θy･　the　following　equation

can　be　derived.

　　　μ'θxa/φΓm:ar-yJC/+a+y+･‥

　　　　　　+yv･-μ,z　-4J　=θ　　　　　　　　　　　　　　　　　(8.7)

whereQ･=7/μ;θxβ/£j/z77+7-£θj　.　ln　Fig.8.5,　£∂x　for　the　same
data　used　to　calculate　£θyarealso　plotted　against　z?7.　£θx　increased　with

the　increase　in　M　in　contrast　with　the　change　of£θy.　The　value　of£θx

was　larger　than　£θy　for　M　>7?/£and　the　reverse　was　also　tme.The

change　of£θx　was　large　for　M　<μ/£･while　that　of£θy　was　large　for　M

>7?/£.
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8.2.2　Height　of‾a　transfer　unit

　　Relation　between　the　overall　transfer　unit　7Vθy　and　£θy　is　given　as

follows　in　the　same　way　as　for　the　relation　between　the　overall　transfer

unit　and　the　point　emciency　of　the　distillation　column3).

　　　yθ2y=-/n7/-£Qyj　　　　　　　　　　　　　　　　　　　　　　(8.8)

With£θy　shown　in　Figs.8.4　and　8.5･　Ⅳθy　values　werecalculated　by

Eq.(8.8),and　the　values　were　converted　to　the　overall　height　of　a　transfer

unit　by　the　relation　ofμθy　°　Z//Vθ2y･　where　Z　was　the　height　of　one　stage

(9cm　in　the　present　column).Z/θy　is　plotted　against　�μ/μin　Fig.8.7.

Points　for　a　given　agitation　speed　are　on　a　straight　line.　B　ailes-Stittl　)

devised　an　extraction　column　which　could　be　operated　at　vigorous

agitation　by　use　of　electrostatic　coalescence,and　gave　the　height　of　a

transfer　unit　of　1　3.4cm　at　agitation　sPeed　of　23s'　1　.　The　values　of　μθyof

the　MS　column　in　Fig.7　welTe　in　the　range　of　4.5″1　2cm　at　agitation　speed

of　14.6s-1.This　indicates　that　the　MS　column　is　excellent　in　the　mass

transfer　characteristics　as　well　as　stable　in　oPeration.

　　The　relationamong　the　overa11μθy,μy　of　the　dispel`sed　Phase　andμx

of　the　continuousPhase　is　exPressed　as　follows.

　　　/7φ゜μy+M/β/£jμ4　　　　　　　　　　　　　　　　　(8.9)

Under　an　assumption　that　the　straight　lines　in　Fig.8.7　correspond　to

Eq.(8.9),μx　can　be　determined　from　the　slope　of　the　line　and　μy　from

the　value　on　the　ordinate.　These　values　are　plotted　against　the　agitation

speed　in　Fig.8.8,　and　correlated　for　the　range　of　n　°　8.3~14.6s‘l　as

follows.

μy=θ.76r7.76 (8.10)

Bothμy　and　μχdecreased　with　the　agitaion　speed･　for　the　sPecific

interfacial　area　increased　due　to　the　increase　in　dipersed'Phase　holdup　and

the　decrease　in　drop　diameter　with　zl.　The　mass　transfer　coemcient　of

continuous　phase　might　vary　widely　with　zl　in　comparison　with　dispersed

phase,　because　the　dependency　ofμxon〃was　larger　than　that　ofμy･

Stage　emciencies£φcalculated　by　using　Eq.(8.10)with　the　experimental

conditions　zl,　M　and　R/£are　compared　with　the　experimental　values　in

Fig.8.9,　and　the　average　deviation　was　4.3　%.

CONCLUSIONS

　　The　stage　efficiency　of　the　mixer-settler　extraction　column　increased

monotonously　with　increase　in　agitation　speed.　Since　stable　operation　was
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possible　at　a　high　agitation　speed　with　this　extraction　column,　both　a　large

stage　efficiency　and　a　large　throughput,　which　is　desiable　for　the

countercurrent　extraction　column,　could　be　achieved.　The　effect　of　flow

ratio　7i/£and　the　distribution　ratio　M　on　the　stage　emciency　£θywere

put　together　as　the　effect　of　z?7/μ/£λi.e･･£θy　decreased　with　the　ratio　of

the　equilibrium　line　slope　to　the　operating　line　one.　The　stage　efficiencies

£θy　were　converted　to　the　overall　height　of　a　transfer　unit　μθy.　The

values　ofμθy　at　high　agitation　speed　indicated　that　the　mixer'settler

extraction　column　had　excellent　mass　transfer　characteristics.　μθy　for

each　agitation　speed　was　correlated　with　�μ/£j　by　a　straight　line,　and

μx　of　the　continuous　phase　and　μy　of　the　dispersed　Phase　were

determined　from　the　slope　of　the　line　and　the　value　on　the　ordinate,

respectively.　These　heights　of　a　transfer　unit　of　the　two　phases　were

correlated　with　the　agitation　sPeed,　and　the　stage　efficiency　calculated

with　these　correlation　reproduced　the　experimental　value　with　the

average　error　of　4.3%.
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APPENDIX

Determination　of　stage　efficiency

　　ln　the　present　case,　the　equilibrium　line　and　the　operating　line　are

given　by　Eqs.(8.1)and(8.2)in　the　chapter,　which　are　straight　lines　on

the　x-y　diagram　as　shown　in　Fig.8.A.1.　Under　the　assumption　that　the

stage　emciencies　for　every　stage　are　given　by　a　same　value,　points　μar,

yD,μ2,　y2j,　･‥,　μ,z,　yJ,　゜　゜,　μ7v,　yuzj,　which　represent　the
concentrations　of　the　dispersed　and　the　continuous　Phases　leaving　the

stage,　are　on　a　straight　line　as　shown　by　y　°　αx+&in　Fig.8.A.1,　and　the

following　relation　can　be　obtained.

　　　y,1-μ-7=μ/£jμH-7-XJ　　　　　　　　　　　　　(8.A.D

　　　y,z-7　-　y,1=αμ,H-7-XJ　　　　　　　　　　　　　　　(8.A.2)

From　these　equations,

　　　y,z+7-y,1=Qrya　-　μJ　　　　　　　　　　　　　　　(8.A.3)

where　9　=α/μ/£j.　The　series　a~μ2J　is　a　geometric　progression,

and　the　summation　of　the　s�es　is

　　　SUMfμ-y｡7j=yar-y1

Cy7-MJμ+ry+y+･･･+y･
From　the　definition　of　stage　efficiency,

£θy°
α4+& R/£ (xzl　'　XθMZ+ya}

Jr{(/?/£)(xr4J+ya}

(8.A.4)

(8.A.5)

This　equation　is　rearranged　as　follows.

　　　μ-g£φ-μ-£θyjμ/£μ4+&

　　　　　　{7-£θyjφzl　-　μ/£μaJ=θ　　　　　　　　　(8.A.6)

To　satisfy　Eq.(8.A.6)for　any　value　of　x,1,

　　　α゜£θy+μ-£θyjμ/£j　　　　　　　　　　　　　　　　(8.A.7)

　　　&=μ-£θyjφ,z-μ?/£μaJ　　　　　　　　　　　　　'(8.A.8)

And　the　following　equations　are　d�ved.

　　　Q°α/μ/£j°£θyM/μ/£D7j+7　　　　　　(8.A.9)

　　　yPy1°£θyOμ-yfJ=£θygxar-yfJ　　　　　　(8.A.10)
By　substituting　Eq.(8.A.10)to　Eq.(8.A.4),

　　　£θygxar　-yJ　μ+ry+y+･･･y-7j
　　　　　　-Oaz-yjJ=θ　　　　　　　　　　　　　　　　　　　(8.A.11)

Eqs.(8.A.1　1)sd(8.A.9)are　Eqs.(8.4)and(8.5)in　the　text,　respectively
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NOMENCLATURE
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SUMMARY

　　ln　permabsorption　of　C02　and/or　S02　using　alkali　aqueous　solutions,

the　C02　and　S02　nux　was　predicted　by　the　mass-transfer　model　based　on

membrane　permeation　and　gas　absorption.　For　selective　removal　of　S02

with　respect　to　C02,　the　high　selectivity　was　attained　at　both　low　liquid

flow　rate　and　low　solute　concentration.

　　Membrane　absorption　of　C02　and/or　S02　could　achieve　larger　flux

rather　than　permabsorption　because　of　low　mass-transfer　resistance

through　the　membrane.　For　gas　phase　mass-transfer　coefficient,　a　semi-

empirical　correlation　was　develoPed.　The　mass'transfer　model　which　the

gas　diffusion　through　the　membrane　pore　was　combined　with　the　gas

absorption　well　expressed　the　C02　and　S02　nux.　The　selective　removal

of　S02　to　C02　being　successfully　achieved　when　both　the　liquid　flow　rate

and　solute　concentration　were　low.

　　ln　gas　sweeping　pervaPoration　of　alcohols　from　its　aqueous　solution,

the　Permeation　rate　of　alcohol　was　illustrated　by　the　solution'diffusion

model　taken　the　vaPor-liquid　equilibrium　into　account.　The　model　was

applicable　for　the　conventionalvacuunling　Pervaporation.

　　The　operation　mode　of　bulk　liquid　membrane　with　porous　partition

membrane　could　realize　a　fast　separation　in　comparison　with　the

operation　in　supPorted　liquid　membrane　because　of　a　bulk　motion　of　the

membrane　liquid　through　the　partition.　A　mass-transfer　coefficient　for

the　bulk　motion　of　the　membrane　liquid　was　introduced　to　the　transfer

model　developed　for　this　operation　mode.　The　transfer　of　the　solute　was

well　simulated　by　the　model.

　　ln　extraction　of　lithium　by　18-crown-6　as　a　tyPical　neutral　cyclic

polyether,　the　effect　of　counterion　on　the　distribution　ratio　of　lithium　ion

was　satisfactorily　explained　with　introducing　the　Jones-Dole　parameter.

　　A　multistage　extraction　column　was　developed,　which　could　achieve

larger　throughput　at　higher　agitation　rate.　The　large　throughput　was

produced　by　the　suction　pressure　with　the　lifter'turbine　impeller,　which

was　ascertained　by　the　pressure　nleasurenlent　in　the　column.　The

operation　was　stabilized　in　a　wide　operation　range　by　installing　a　drop

coalescer　between　the　setter　and　mixer.

　　The　mixer　setter　column　developed　here　also　exhibit　both　a　large　stage

emciency　and　a　large　throughPut.　The　stage　emciencies　decreased　with
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the　ratio　of　the　slope　of　equilibrium　line　and　that　of　operating　line.　The

heights　of　a　transfer　unit　for　the　two　phases　were　correlated　with　the

agitation　speed,　and　the　stage　emciency　calculated　with　these　correlation

reproduced　the　experimental　value　within　small　error.
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